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Fundamentals of Gas-Liquid-Solid

Fluidization

The successful design and operation of a gas-liquid-solid fluidized-bed system
depend on the ability to accurately predict the fundamental properties of the sys-
tem, specifically, the hydrodynamies, the mixing of individual phases, and the heat
and mass transfer properties. Identification of the flow regimes under which the
system operates is crucial to an understanding of both the variations of these
properties and overall system performance. This timely, comprehensive review
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describes in a systematic manner the status of fundamental gas-liquid-solid flu-
idization behavior. This review also discusses the areas in which current knowledge

is deficient and further research is needed.

SCOPE

Gas-liquid-solid fluidization is defined as an operation in
which a bed of solid particles is suspended in gas and liquid
media due to the net drag force of the gas and/or liquid flowing
opposite to the net gravitational force or buoyancy force on the
particles. Such an operation generates considerable, intimate
contact among the gas, liquid and solid particles in these systems
and provides substantial advantages for applications in physical,
chemical or biochemical processing involving gas, liquid and
solid phases.

Various modes are possible for gas-liquid-solid fluidized-bed
operation, The gas-liquid-solid fluidized bed can be operated
with a cocurrent or countercurrent flow of a gas and a liquid

with gas as the continuous phase. It can also be operated with
a cocurrent or countercurrent flow of a gas and a liquid with
liquid as the continuous phase. The states of fluidization are
altered when the fluidized bed is tapered, or an upper retaining
grid or a draft tube is present in the bed.

This review examines both the experimental and modeling
studies of the fundamental characteristies of gas-liquid-solid
fluidization. Specifically, a comprehensive review is made on
the hydrodynamics, the mixing of individual phases, and the
heat and mass transfer behavior of various modes and states of
gas-liquid-solid fluidization. Industrial application of the gas-
liguid-solid fluidized bed is briefly described.

CONCLUSIONS AND SIGNIFICANCE

Gasliquid-solid fluidization became a subject for funda-
mental research only about two decades ago. Considerable
progress has been made with respect to an understanding of the
phenomena of gas-liquid-solid fluidization since then. This re-
view summarizes and analyzes the available information in the
literature on this subject.

Gas-liquid-solid fluidization can be classified mainly into four
modes of operation. These modes are: cocurrent three-phase
fluidization with liquid as the continuous phase (Mode I-a);
cocurrent three-phase fluidization with gas as the continuous
phase (Mode I-b); Inverse three-phase fluidization (Mode II-a);
and fluidization represented by a turbulent contact absorber
(TCA) (Mode ILI-b). Modes II-a and II-b are achieved with a
countercurrent flow of gas and liquid. Due to the complex na-
ture of three-phase fluidization, however, various methods are
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possible in evaluating the operating and design parameters for
each mode of operation.

Among the four modes of fluidization, Mode I-a has been the
most widely investigated. The characteristics of Mode I-a flu-
idization depend to a great extent on bubble flow behavior,
which varies strongly with the properties of the solid particles.
The generalized wake model, with proper account of the solids
holdup in the wake and the volume fraction of the wake, is
commonly employed to describe the individual phase holdups
for Mode I-a fluidization. Various empirical correlation equa-
tions are also available which can be directly utilized to estimate
phase holdups. Reliable data on phase holdups, however, are
lacking for systems involving organic or non-Newtonian
media.

The backmixing of liquid for Mode I-a fluidization can be
generally represented by the axial dispersion model. Several
correlation equations are available for the liquid-phase dis-
persion coefficient. Extensive work has been performed on the
wall-to-bed heat transfer. The gas-liquid mass transfer coeffi-
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cient and interfacial area vary appreciably with the bubble flow
pattern, Little information, however, is available on solids
mixing and gas mixing for Mode I-a fluidization.

Extensive investigation has also been conducted with regard
to hydrodynamics and mass transfer of Mode II-b fluidization,
Numerous correlations have been proposed for estimating the
hydrodynamic properties including phase holdups and pressure
drop. The bed behavior is often affected by the extent of open-
ings on the supporting grid. Considerable work has been per-

INTRODUCTION

Gas-liquid-solid (or gas-slurry-solid in a broad sense) fluidized
beds have emerged in recent years as one of the most promising
devices for three-phase operation. Such a device is of considerable
industrial importance as evidenced in its wide use for chemical,
petrochemical and biochemical processing. Most notably, three-
phase fluidized beds have been fully developed and demonstrated
in processing technology; as three-phase reactors, they have been
employed for the H-Oil process for hydrogenation and hydro-
desulfurization of residual oil, the H-Coal process for coal lique-
faction, turbulent contacting absorption for flue gas desulfurization,
and the biooxidation process for waste water treatment. Other
applications involving three-phase fluidized beds are also com-
monly encountered in physical operations.

Early reviews of gas-liquid-solid fluidization were made by
Ostergaard (1969, 1971, 1977), Davidson et al. (1977), Kim and
Kim (1980), Wild et al. (1982), and Epstein (1981, 1983). These
reviews, however, are mainly concerned with only one mode of
gas-liquid-solid fluidizatiori, namely cocurrent upward fluidization
with liquid as the continuous phase. Important needs, however,
arise in examining operational alternatives involving other modes
of gas-liquid-solid fluidization (Muroyama and Fan, 1982). This
review provides a more comprehensive coverage of the entire scope
of the subject matter, not only on cocurrent upward fluidization
with a liquid as the continuous phase, but also on the other modes
of fluidization.

This review covers six parts. The first part describes the funda-
mental distinction among the various modes of gas-liquid-solid
fluidization. The second part describes the hydrodynamic behavior.
The third part details the backmixing of both the liquid and gas
phases, and the solids mixing. The fourth and fifth parts delineate
the heat transfer and mass transfer properties, respectively. The
sixth part summarizes knowledge gaps and areas in need of future
research in the fundamentals and applications of gas-liquid-solid
fluidization.

MODES OF GAS-LIQUID-SOLID FLUIDIZATION

Although there are considerable similarities between the gas-
sparged slurry column and the gas-liquid-solid fluidized bed, dis-
tinet differences in operation exist between them.

In the gas—sparged slurry column, the size of the solid particle
is usually less than 100 um in diameter, the volumetric fraction of
the solids is less than 0.1, and the particles are maintained in a
suspended state by bubble agitation. In three-phase fluidization,
the particle size is relatively large, normally greater than 200 pm,
and the volumetric fraction of the solid particles varies from 0.6
(packed state) to 0.2 (close to the dilute transport state). In three-
phase fluidized beds, the particles are supported by the liquid phase
and/or the gas phase. The bed of particles may expand nonuni-
formly with elutriation as in gas-solid fluidized beds, or it may
expand uniformly without elutriation as in liquid-solid fluidized
beds while the bubbles intensify the mixing of the solid particles.
The solid particles in both systems can be operated in either a batch
or continuous mode. However, in the slurry column, the solid
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formed on gas-liquid mass transfer. Numerous correlations for
the overall mass transfer coefficient and interfacial area are also
available.

Relatively little work has been conducted on Modes I-b and
Il-a fluidization and fluidization involving tapered beds,
spouted beds, semifluidized beds, and draft tube fluidized beds.
Optimal design and operation of three-phase fluidized-bed
reactors for chemical, petrochemical and biochemical reactions
should be stressed in future research.

particles are usually carried in and out by the liquid stream. In the
fluidized bed, on the other hand, the solid particles are supplied
or withdrawn independent of the liquid stream. This review pur-
posely distinguishes the three-phase fluidized-bed reactor from
the three-phase slurry reactor because of the inherent differences
between these reactors mentioned above. Such a distinction,
however, was not clearly made in the book on the gas-liquid-solid
reactors by Shah (1979) as indicated by Epstein (1981).

Tables 1 and 2 highlight the fundamental operational differences
between gas-liquid-solid fluidized beds and other gas-liquid-solid
contactors. To date, there are two types of three-phase fluidized
beds which are relatively well established for industrial use. They
are fluidized beds with cocurrent flow of gas and liquid, and those
with countercurrent flow of gas and liquid. In the former, the bed
of particles is supported by the liquid serving as the continuous
phase, while, in the latter, the bed of particles is supported by the
gas serving as the continuous phase. The former is employed as a
major reactor system in the well-known H-Oil process for hydro-
desulfurization of residual oils (Schuman et al., 1965; Griswold et
al., 1966) and in the H-Coal process for coal liquefaction (Schuman
et al., 1967). It is also used for biological processing such as bioox-
idation of wastewater (Cooper and Atkinson, 1981; Hirata et al.,
1982). The latter, which is known as the turbulent contact absorber
(TCA), was utilized among others for flue gas scrubbing (Kielback,
1959, 1964), and alcohol fermentation (Moebus and Teuber,
1982).

Based on the differences in flow directions of gas and liquid and
in contacting patterns between the particles and the surrounding
gas and liquid, several types of operation for gas-liquid-solid flu-
idization are possible. Recently, Epstein (1981) presented a tax-
onomy for three-phase fluidization, Figure 1. In this figure,
three-phase fluidization is divided into two types according to the
relative direction of the gas and liquid flows, namely, cocurrent

TABLE 1. CRITERIA FOR THE CLASSIFICATION OF THE GAS-

LIQUID-SOLID REACTORS

Factors Variation
State of motion of o Stationary
solid particles e Slurry suspension with mechanical
agitation
e Slurry suspension without mechanical
agitation
e Fluidization
Type of operation Gas: Continuous

Liquid: Batch or continuous
Solid: Batch or continuous
Gas, Liquid: Cocurrent upward or
downward flow,
Countercurrent flow or
cross current flow
Solid: Upward or downward flow
Gas: Continuous phase or discrete bubble
Liguid: Continuous phase, film or drop
Solid: Packed, slurry suspension,
fluidization with either liquid or gas
as a continuous phase

Relative flow direction
of phases for
continuous
operation

Situation of phases
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THREE-PHASE FLUIDIZATION

COCURRENT
(Gas-liquid fluidization)

BUBBLE FLOW

TRICKLE FLOW

COUNTERCURRENT

TN

TRICKLE FLOW BUBBLE FLOW

(Turbulent bed contocy\

LIQUID- SUPPORTED BUBBLE-SUPPORTED STATIONARY BUBBLE - SUPPORTED LIQUID-SUPPORTED
SOLIDS SOLIDS LIQUID SOLIDS SOLIDS
(Bubble -supported (Inverse 3-phase
solids ) fluidization)

Figure 1. Taxonomy of Three-Phase Fluidized Beds (Epstein, 1881).

three-phase fluidization and countercurrent three-phase fluid-
ization (Bhatia and Epstein, 1974b; Epstein, 1981).

In cocurrent three-phase fluidization, there are two contacting
modes characterizing different hydrodynamic conditions between
the solid particles and the surrounding gas and liguid. These modes
are denoted as Mode I-a and Mode I-b, Figure 2. Mode I-a defines
cocurrent three-phase fluidization with the liquid as the continuous
phase, while Mode I-b defines cocurrent three-phase fluidization
with gas as the continuous phase. In Mode I-a fluidization, the
particles are supported by the liquid with the gas-forming discrete
bubbles. Mode I-a is generally referred to as gas-liquid fluidization.
The term bubble flow, in Epstein’s taxonomy (1981), includes two
types of flow for Model I-a: namely, liquid-supported solids and
bubble-supported solids. According to Epstein (1981, 1983), the
liquid-supported solids operation characterizes fluidization with
the liquid velocity beyond the minimum fluidization velocity; the
bubble-supported solids operation characterizes fluidization with
the liquid velocity below the minimum fluidization velocity where
the liquid may even be in a stationary state. Three different flow
patterns are observed for Mode 1-a fluidization: coalesced bubble
flow, dispersed bubble flow, and slug flow. A more precise classi-
fication of these flow patterns for Mode I-a fluidization (for an
air-water system) is given in Figure 3.

An increase of the gas flow rate in the slug flow regime in Mode
I-a fluidization increases the slug frequency and decreases the
volume fraction of the liquid in the liquid-solid suspension. As the
gas flow rate increases further, the liquid-solid mixture forms
fragmented agglomerates and eventually the operating state Mode
I-b is reached, in which the gas becomes the continuous phase and
the liquid becomes the dispersed phase in the form of liquid films
or droplets (Mukherjee et al., 1974). It should be noted that the
transition from Mode I-a to Mode 1-b has not been clearly investi-
gated. Furthermore, the determination of the boundaries among
various flow regimes for Modes I-a and I-b, which are commonly
made based on visual observation, may be to some extent subjective.
However, the macroscopic flow pattern in cocurrent three-phase
fluidization is well represented by Figure 8.

Countercurrent three-phase fluidization with liquid as the
continuous phase, denoted as Mode II-a in Figure 2, is known as
inverse three-phase fluidization. Countercurrent three-phase
fluidization with gas as the continuous phase, denoted as Mode II-b
in Figure 2, is known as a turbulent contact absorber, fluidized
packing absorber, mobile bed, or turbulent bed contactor. In Mode
II-a operation the bed of particles with density lower than that of
the liquid is fluidized by a downward liquid flow, opposite to the
net buoyant force on the particles, while the gas is introduced
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Figure 2. Modes of Gas-Liquid-Solid Fluidization.
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Figure 3. The Flow Regime Diagram for the Cocurrent Gas-Liquid-Solid Fluidized Bed.

countercurrently to the liquid forming discrete bubbles in the bed.
As shown in Figure 4, four distinct flow regimes—fixed bed with
dispersed bubble regime, bubbling fluidized bed regime, transition
regime, and slugging fluidized bed regime—can be distinguished
for Mode I1-a fluidization (Fan et al., 1982a,b).

In the Mode II-b operation (TCA operation), an irrigated bed
of low-density particles is fluidized by the upward flow of gas as
a continuous phase. When the bed is in a fully fluidized state, the
vigorous movement of wetted particles gives rise to excellent gas-
liquid contacting. The gas and liquid flow rates in the TCA are
much higher than those possible in conventional countercurrent
packed beds, since the bed can easily expand to reduce the hy-
drodynamic resistances. Flow regimes in a TCA for a specific
packing are given in Figure 4.

The state of gas-liquid-solid fluidization is strongly dependent
on the geometry of the bed, methods of gas-liquid injection, and
the presence of a retaining grid or internals. This is exemplified
by the operation of a tapered fluidized bed, spouted bed, semi-
fluidized bed, and draft tube spouted bed. The tapered fluidized
bed uses a tapered column which diverges at a small angle in the
upward direction (Scott et al., 1975, 1976, Holladay et al., 1978a,b).
The upper part of the bed is at or near the state of incipient fluid-
ization and behaves similarly to the packed bed part of the semi-
fluidized bed. The hydrodynamic characteristics were experi-
mentally studied by Pitt et al. (1978). In a spouted bed, gas and
liquid are introduced into the bed through a gas-liquid injector
located at the bottomn of the bed. The solid particles in the core area
are carried by the fountain and separated from the liquid at the
surface of the fountain. The solid particles then move downward
in the annular area. Like the Mode I-a operation, four different
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flow regimes can also be observed in three-phase spouted bed op-
eration.

The semifluidized bed is formed when a mass of fluidized par-
ticles is compressed against a porous restraining grid resulting in
the creation of a fluidized bed and a fixed bed in series within a
single vessel. The flow regimes which occur in the countercurrent
three-phase semifluidized bed operation resemble those for the
Mode II-a operation of three-phase fluidization.

HYDRODYNAMICS OF GAS-LIQUID-SOLID FLUIDIZATION

Cocurrent Gas-Liquid-Solid Fluidization

Pressure Drop and Phase Holdup. A schematic diagram of the
cocurrent three-phase fluidized bed reactor or the Mode I-a
fluidized bed reactor is shown in Figure 5. The reactor consists of
three main sections: the gas-liquid distributor section, the three-
phase fluidized bed section, and the disengagement section. The
disengagement section serves to settle the particles erupted into
the dilute phase by the bubble. In the fluidized bed section, the solid

holdup, €;, can be expressed as

w
= 1
&= SH (1)
The following relationship holds among individual holdups:
g+ g+ =1 2)

Under the steady-state condition, the total axial pressure gra-
dient (static pressure gradient) at any cross section in the column

January, 1985 Page 5



100

1 ITHHI T T lﬁﬂlrl T | IR N B o O
~ .Liquid as a continuous—
. 'phase 7
- N /<, "\ I :Gas as a continuous
\ phase
— . Turbulent B
-l \\ Contcctm'g _
\\ Bed Regime
\
\
10 A g
n — s 3
o Slugging 7
£ t Trickle Fluidgized _
No s} Bed Bed Regime 4
= Regime
< L -
o)
o> L1 _
1= =
- Fixed Bed -
5; with/without 7
B partial fluidization X Polyethylene ]
with Dispersed 3'00:0 holiow sphereg
- Bubble Regime 60 o0 dp=10 mm 3
L Bubbling Ps = 388 kg/m
Fluidized
Bed Regime

01 | lllllLl | |

lllllLl 1 L ity

2 5 1 2

2 10
Ug x 107 (m/s)

2 5 100

Figure 4. The Flow Regime Diagram for the Countercurrent Gas-Liquid-Solid Fluidized Bed (Fan, et al., 1982a).

represents the total weight of the bed consisting of the three phases
per unit volume as given by

dP
i (6ps + €p1 + €20)8 {8)

Equation 3 can be easily deduced from the one-dimensional
multiphase flow model developed by Wallis (1969) who assumes
that the frictional drag on the wall of the column and the acceler-
ation of the gas and liquid flows can be neglected. In Eq. 3, the term
€gPg in the righthand side is usually negligibly small compared to
the other terms. The evaluation of individual phase holdups based
on the pressure gradient method has been employed by a number
of investigators. In this method, ¢, can be directly obtained from
Eq. 1 with the height of bed expansion measured experimentally
while ¢; and €4 can be calculated from Egs. 2 and 3 simultaneously
with the experimentally measured static pressure gradient. Pre-
liminary experimental verification of Eq. 3 was provided by Er-
makova et al. (1970a). More recently, Dhanuka (1978) compared
the experimental values of the pressure drop with those predicted
by Eq. 3, using the gas and liquid holdups measured independent
of the electroconductivity method, and showed that the prediction
is satisfactory. The maximum deviation between the predicted and
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measured values is only about 5%. Begovich and Watson (1978b)
also showed that the holdup values obtained using the pressure
gradient method agree with those measured using an electrocon-
ductivity technique within 5% deviation. Equation 3 is also valid
for the countercurrent turbulent contact absorber system (Barile
and Meyer, 1971; Tichy and Douglas, 1972; Kuroda and Tabei,
1979), and for the inverse three-phase fluidized bed system (Fan
et al., 1982a). In these systems, the bed is in free and uniform ex-
pansion and the accelerations of the fluids and the wall friction are
negligible. Similar to that in the gas-solid fluidized bed, the dom-
inant frequency of the pressure fluctuation in the gas-liquid-solid
fluidized bed correlates strongly with the flow regime in the bed
(Fan et al., 1984c). The definition of dynamic and frictional
pressure drops and their interrelationship with experimental
measuring methods were elaborated by Epstein (1981).

Measuring Techniques for Phase Holdups. The hydrodynamic
models so far presented to assess the holdup behavior can generally
be described by the wake model, which takes into account the role
of the wake behind the bubble. On the other hand, empirical cor-
relations for the individual phase holdups have also been developed
by many authors.

The bed height can be determined either from visual observation

AIChE Journal (Vol. 31, No. 1)
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Figure 5. Schematic Representation of the Mode I-a Fluidized Bed Reactor.

or from the measured pressure gradient. The determination of the
bed height based on visual observation is reasonably accurate for
beds of coarse or dense particles because of a distinct bed surface.
The visual observation method, however, becomes quite subjective
and unreliable for beds of fine particles because of an indistinct bed
surface. Particle entrainment is of particular significance at high
gas flow rates. For fine particle fluidization, the bed height can be
determined by the intercept of the pressure gradient curves with
two distinct slopes representing the pressure gradient in the
fluidized bed section and in the disengagement section.

When a deep dilute particle zone above the bed prevails, how-
ever, the determination of bed height from the intercept becomes
unsatisfactory. In such a case, either the local liquid holdup or solid
holdup should be directly measured in conjunction with the
measurement of the static pressure gradient. One can then deter-
mine the holdups of the other phase from Egs. 2 and 3. For ex-
ample, Begovich and Watson (1978a, 1978b) measured the local
gas holdups using the electroconductivity probe and the pressure
gradient to obtain the local solids concentration. Kafarov et al.
(1973) employed induction transducers mounted on the column
wall to measure the concentration of fine metal catalysts in a
three-phase transport system. The concentration of fine solids in
a dilute slurry can be measured by direct sampling (Kafarov et al.,
1973) in the same manner as that commonly employed for bubble
column slurry reactors.

The local liquid holdup can be directly measured by the elec-
troconductivity techniques employed by Begovich and Watson
(1978a, 1978b), Dhanuka (1978), Dhanuka and Stepanek (1978),
and Kato et al. (1981). A capacitance probe technique was also
employed by Razumov et al. (1973) to measure the solid and liquid
holdups. The gas holdup can be measured by the isolation tech-
nique, i.e., measurement of gas occupied in an isolated section after
simultaneously turning off two quick closing valves located at the
inlet and outlet of the fluidized bed section (Bhatia and Epstein,
1974a). A similar method was employed for vertical three-phase
flow by Bhaga and Weber (1972a, 1972b). Kim et al. (1972) showed
that the holdups can be measured by simultaneously shutting off
the liquid and gas flows. The y-ray absorption technique was
employed by Lee and Worthington (1974) to measure the gas
holdup just above the surface of a three-phase fluidized bed. The
use of an electrical resistance probe which also allows measurement
of the local value of the gas holdup was employed by Rigby et al.
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(1970a), and Darton and Harrison (1974a). Rigby et al. (1970a)
reported that the gas holdup is higher in the core region than in the
region near the wall in a column containing fine particles. Oster-
gaard and Michelsen (1968) measured the gas holdup by means
of a radioactive tracer technique in which the residence time dis-
tribution of the gas was analyzed to obtain information on gas
mixing. Vasalos et al. (1977, 1979, 1980) also employed the radio-
active tracer technique to measure gas holdup and gas-phase
mixing. The measurement of the average bubble velocity by means
of a motion analyzer from cine films is an indirect method to
evaluate the gas holdup (Baker et al., 1977; Kim et al., 1977). Re-
cently, an optical probe technique utilizing a single quartz fiber
was proposed by Ishida and Tanaka (1982) to obtain holdups for
both bubbles and particles in a three-phase fluidized bed. They
showed that a flat-topped single-fiber probe could yield charac-
teristic signals for both the bubbles and particles in the three-phase
system.

Bed Behavior. The flow behavior of the gas bubbles which are
in a discrete state in a liquid medium varies depending on the
particle size, the degree of bed expansion, the liquid velocity, and
the gas velocity. Three gas-liquid flow regimes have received at-
tention: (1) the bubble coalescing regime (Kim et al., 1972) or the
churn-turbulent regime (Darton and Harrison, 1975); (2) the
bubble breakup regime (Michelsen and Ostergaard, 1970), the
bubble disintegration regime (Kim et al., 1972), or the ideal bubbly
flow regime (Darton and Harrison, 1975); and (3) the slug flow
regime (Michelsen and Ostergaard, 1970; Kim et al., 1972). Kim
et al. (1975) reported the existence of a critical particle size which
separates the bubble coalescing regime and bubble disintegrating
regime. The critical size for particles with a density similar to that
of glass was reported to be about 2.5 mm in diameter for an air-
water system. The study of flow regimes by Muroyama et al. (1978)
and Fan et al. (1982¢), however, indicates that in addition to the
particle size, flow regimes also strongly depend on the liquid and
gas velocities used in the system.

Three-phase fluidization using fine particles displays unique bed
expansion characteristics: i.e., upon initial introduction of the gas
into the liquid-solid fluidized bed, contraction, instead of expansion,
of the bed occurs. An increasing gas flow rate causes further con-
traction up to a critical gas flow rate beyond which the bed ex-
pands. Massimilla et al. (1959), who first reported this contraction
phenomenon, observed that the bed contraction is larger when the
liquid velocity is greater. Turner (1964) and Ostergaard (1964) also
reported this phenomenon and presented some data on bed ex-
pansion. A quantitative elucidation of bed contraction was reported
by Stewart and Davidson (1964). From the photographs of a single
bubble ascending in a two-dimensional column, they distinguished
two types of solid-free wake behind the bubble using particles with
identical sizes but different densities. These types are: (1) 2 water
bubble stabilized by small gas bubbles collecting on its roof in a bed
containing dense particles such as iron shot or lead shot; and (2) a
particle-depleted wake behind the gas bubble in a bed containing
glass particles. In the latter type, Stewart and Davidson {1964) also
observed shedding vortices which are largely free of particles left
on the zigzag trail of the bubble, and these vortices moved upward
with a velocity somewhat less than that of the bubble itself. They
concluded that bed contraction is due to the formation of air/water
bubbles which move upward with the same velocity as the bubble,
reducing the velocity of the water through the liquid-solid fluidized
phase.

The bubble breakup phenomena in a bed of coarse particles were
first revealed by Lee (1965). Michelsen and Ostergaard (1970)
observed that the bed always expands in the bubble breakup re-
gime. In this regime, the bubble size is comparable to or even much
smaller than the size of the solid particles. In addition, bubble size
is quite uniform. Ostergaard (1971) reported that bubbles emerging
from the surface of the bed of 2 mm lead shot fluidized by the
cocurrent upflow of air and water are also uniform and small in
size, but they move in clusters in contrast to the rather evenly dis-
tributed bubble swarms observed in a bed of 6 mm glass beads.
Ostergaard suggested that this phenomenon is probably an effect
of the heterogeneous mixture of water in a fluidized bed of lead
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Figure 6. The Generalized Wake Model for the Mode I-a Fluidized Bed Reactor
{Bhatia and Epstein, 1974).

shot. In fact, in liquid fluidized beds of such high density particles,
well-defined liquid bubbles and slugs are formed and logarithmic
plots of voidage against velocity are no longer linear (Richardson,
1971).

Correlations Based on Wake Models and Empirical Correla-
tions for Phase Holdup. In the wake model, the role of the wakes
behind the gas bubbles in the liquid flow, as pointed out by Stewart
and Davidson (1964), is mathematically formulated to elucidate
the bed expansion (or solids holdup) and the liquid holdup be-
havior. The wake concept considers the three-phase fluidized bed
to be composed of: (1) the gas bubble region, (2) the wake region,
and (8) the solid-liquid fluidization region. Table 3 summarizes
the various correlations of phase holdups based on the wake model.
The differences among these correlations lie in the assumptions
made in the model for the solids concentration in the wake region,
the correlations for the porosity in the liquid-solid fluidization
region, and the correlations for the gas holdup or bubble velocity.
Based on the wake model, Ostergaard (1965) assumed that the
porosity in the liquid-solid fluidization region can be expressed by
the Richardson and Zaki equation (1954), the wake region moves
at the same velocity as the bubble, and the porosity of the wake is
identical to that of the liquid-solid fluidization region, i.e., x =1
as defined in the next paragraph. Ostergaard proposed empirical
equations relating the bubble velocity (U,/¢,) to the wake holdup
€,. However, if the porosity of the wake is the same as that of the
liquid-solid fluidization region, the result is a stirring of the bed
which does not give rise to bed expansion (Darton and Harrison,
1975). Assuming that the wake is solid-free, Efremov and Va-
khrushev (1970) derived a set of equations based on the wake
concept which were also independently deduced by Stewart in
1965 in his dissertation. Rigby and Capes (1970b) compared the
values of wake volume to bubble volume ratio, k, for wake models
with x = 0 and 1. Their findings indicate that k increases with an
increase of the particle size, an increase of the liquid flow rate, and
a decrease of the gas flow rate. By calculating the equivalent wake
volume due to the shedding wakes, they showed that the shedding
wakes are also responsible for bed expansion.

The generalized wake model was developed by Bhatia and
Epstein (1974a). The schematic description of the concept of this
model is shown in Figure 6. In this model two key parameters, x
and k, are defined as:

AIChE Journal (Vol. 31, No. 1)

x= 6sw/fsf (4)
k=eu/eg (5)

The model assumes the relative velocity between the liquid and
the solid in the liquid-solid fluidized region is related to the bed
porosity by the Richardson and Zaki equation (1954). The resultant
expression for the liquid holdup and bed porosity can be given,
respectively, by:

U — Ugk(1 — x)

—kégl 1 — €g(1 + k — kx)]

“ _'[La(l
+ k(1 —x) (6)
-U k(l —x)|l/n
—keg]
X[I-—eg(l +k kx)] + €g(1 + k—kx) (7)

1—¢=(¢g+ €)= [

The values of k and x need to be known to estimate the bed ex-
pansion or liquid holdup based on the generalized wake model, in
addition to €; or mean bubble velocity Ug/¢,. In the solid-free
wake model, which assumes x = 0, the values of k and ¢, need to
be known for estimating phase holdups or bed expansion.

With x = 0, Eq. 7 reduces to the equation for the bed expansion
which was derived by Efremov and Vakhrushev (1970). Darton
and Harrison (1975) presented an empirical correlation equation
for k based on the solid-free wake model. According to their ex-
pression, k becomes negligible at U;/ U, < 0.4, under which con-
dition the bed is highly turbulent due to the flow behavior change
in the bubbling regime (Schuman et al., 1965). Darton and Harrison
(1975) showed that the values of k for single-bubble systems ob-
served in a two-dimensional column by Rigby and Capes (1970b)
decrease with an increase in the bubble volume. Baker et al. (1977}
also investigated the effects of liquid viscosity and surface tension
on k based on the solid-free wake model. Darton and Harrison
(1976) analyzed the liquid and particle streamlines around a bubble
based on the two vortex theories, i.e., Hill's spherical vortex and
axisymmetric flow towards a stagnation point, to assess the for-
mation of solid-free wakes and to provide a theoretical basis for the
estimation of k. Hill's vortex model enables calculation of the
motions of the liquid and particles near a bubble in a three-phase
system. The axisymmetric flow model, or alternatively the flat
topped wake model, predicted a horizontal voidage discontinuity
in the wake behind the bubble with reasonable accuracy (Darton
and Harrison, 1976; Davidson et al., 1977). The solid-free wake
model was also applied to a multistage, three-phase fluidized bed
by Schmidt (1976).

Based on the generalized wake model, however, one is unable
to evaluate the values of & and x independent of the holdup data.
Bhatia and Epstein (1974a) presented a heuristic equation for k
assuming that the wake behavior in the three-phase system is
analogous to that in a liquid-liquid dispersion system (Letan and
Kehat, 1968). El-Temtamy and Epstein (1977, 1978) obtained the
value for k by assuming that the sphere-completing volume of
spherical cap bubbles is the effective volume of the bubble wake.
Henriksen and Ostergaard (1974a) found that the included angle,
0, of the spherical cap bubble is a unique function of the kinematic
viscosity of the medium surrounding the bubble. The apparent
viscosity, g, of a liquid-solid fluidized bed surrounding the bubble
can be estimated from correlation equations presented by several
investigators (e.g., Hetzler and Williams, 1969). The average
density of the liquid-solid fluidized bed, pg, can be easily estimated.
Knowing the value o/ pg, the included angle, 8, can be read from
the figure of 8 vs. po/po presented by Henriksen and Ostergaard
(1974a). Thus, the value of k can be calculated by the following
equation (El-Temtamy and Epstein, 1977, 1978).

k = ko exp(—5.08¢,) (8)

The value for x can be calculated from the holdup data. An
empirical correlation equation for x is presented by El-Temtamy
and Epstein (1977, 1978) as:
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correlation of Garside

modified from the
and

52 and 120 mm 1.D.

glass sphere 0.42, 0.66,
1.2 and 2.2 mm

air/carboxymethyl

air/water

(er/ei)"

|

Yy
U,

|

Kato et al. (1981)

cellulose sol.

¢ =1—9.7(350 + Re [} ) 05(p, U}/ go)0-092

Al-Dibouni (1977)

/gO-)O,IGS]

4
&

/go-)04285 —-n

4
_ £

n-—27

5.1 + 86.2(p;

[0.1 + 0.443(pU

X Rel*®

x=1-08TT—2 ,  for— <14 (9a)
Ueg U Ve U
€ € € €
U,
x =0, for ———>1.14 (9b)
Ug !
€g €

The equation shows that x increases as the particle size or the su-
perficial liquid velocity decreases, and the liquid viscosity or su-
perficial gas velocity increases. As pointed out by Dhanuka and
Stepanek (1978}, the value of x is virtually zero for glass particles
with a size larger than 2 mm. Vasalos et al. (1979, 1980) and Run-
dell et al. (1980) applied Bhatia and Epstein’s generalized wake
model to explain the holdup data from the H-Coal process.

In the wake models, several types of correlation equations for
¢g have been presented: some of them are based on the gas-liquid
two-phase flow theory, while others are purely empirical in nature.
Ostergaard (1965) obtained an empirical equation for the bubble
velocity. Bhatia and Epstein (1974a) employed correlation equa-
tions for the bubble velocity proposed for gas-liquid two-phase flow
directly to predict the gas holdup in the three-phase system. Darton
and Harrison (1975) applied the drift flux theory developed by
Wallis (1969) for gas-liquid two-phase flow to describe the three-
phase system. The same method is employed by Dhanuka and
Stepanek (1978) who, however, defined the drift flux differently
from that of Darton and Harrison (1975). Efremov and Vakhrushev
(1970) presented an empirical equation for estimating €,. Baker
et al. (1977) used the measured bubble velocity to calculate k for
the wake model.

To estimate the liquid boldup and the bed porosity (or the solid
holdup), the correlation based on the generalized wake model by
El-Temtamy and Epstein (1978) and that based on the solid-free
wake model by Darton and Harrison (1975) are recommended
because of the reasonable accuracy. However, in calculations using
the wake models, a potential difficulty exists in the estimation of
the gas holdup for the model.

Correlation equations other than those based on the wake models
for phase holdups in cocurrent three-phase fluidized beds are
summarized in Table 4. Most of these correlations are purely em-
pirical in nature and are usually obtained without considering
whether the bed initially contracts or expands. Recently, Vasalos
et al. (1982) and Schaefer et al. (1983) studied holdups in a
slurry-solid fluidized bed to simulate the H-Coal reactor. Vasalos
et al. (1982) showed that the bed porosity in the slurry-solid
fluidized bed (without gas flow) can be well represented by the bed
porosity correlations proposed for liquid-solid fluidized beds. Using
kerosene as the liquid phase, Schaefer et al. (1983) showed that the
gas holdup decreases with an increase-of the fines loading at high
gas velocity conditions while fines loading has little effect on gas
holdup at low gas velocity conditions. Schaefer et al. (1983) further
indicated that the gas holdup and bed expansion distinctly increase
with an increase of the bed pressure.

The gas holdup in a three-phase fluidized bed with fine particles
is lower than that in the corresponding solid-free systems observed
by Adlington and Thompson (1965) and Viswanathan et al. (1964).
The reduction in the gas holdup due to the presence of the solid is
commonly observed in bubble column slurry reactors (Kato et al.,
1963; Kurten and Zehner, 1979). The gas holdup behavior is
strongly dependent upon the flow regimes (Michelsen and Oster-
gaard, 1970). That is, in the regime of bubble coalescence, con-
siderable reduction in the gas holdup takes place. Furthermore,
the physical properties of the liquid, such as viscosity and surface
tension, affect the bubble characteristics and phase holdup behavior
(Kim et al., 1975). Blurn and Toman (1977) reported an extremely
high gas holdup existing in a nitrogen/light mineral oil/coarse
catalyst particles system. The gas holdup was observed to increase
linearly up to 50% as the gas velocity increased to 14 cm/s in the
system where the liquid and gas velocities are identical and a foam
phase is formed.

The liquid holdup behavior is less complicated than the bed
expansion or gas holdup. The liquid holdup decreases monotoni-
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cally with increasing gas velocity and increases with increasing
liquid velocity (Michelsen and Ostergaard, 1970). Empirical
equations of the liquid holdup were presented for particle sizes of
0.25, 1 and 6 mm in diameter, by Ostergaard and Michelsen (1968).
Kim et al. (1972) have taken into account the effect of liquid vis-
cosity and surface tension in the expression for their liquid holdup
correlation. An empirical correlation for the liquid holdup in a bed
of fine particles was given by Razumov et al. {(1973). Recently, Kato
et al. (1981) developed a correlation for liquid holdup in the
three-phase fluidized bed by modifying the empirical equation
proposed by Garside and Al-Dibouni (1977) for the liquid holdup
in the liquid-solid fluidized-bed system.

In summary, for independent estimation of porosity in a bed
containing relatively large particles, the correlation of Dakshi-
namurty et al. (1971) and that of Begovich and Watson (1978a) can
be employed, since these correlations are based on a large number
of data obtained with various properties of particles. For liquid
holdup estimation, the correlation of Kato et al. (1981) is recom-
mended because of the wide coverage of particle size and liquid
viscosity and the unified expression they developed in terms of
dimensionless parameters. The gas holdup varies significantly with
the flow regimes, and no satisfactory unified, independent corre-
lation is available yet. However, the drift flux approach of Wallis
(1969) and the Nicklin model (1962) provide a basic framework
for the gas holdup analysis for the cocurrent three-phase system
(Darton and Harrison, 1975; Chern et al., 1982). An analysis based
on such models is recommended in the attempt to correlate gas
holdup. To accurately evaluate the gas holdup in an industrial
system, direct measurement using a column with a diameter
greater than 15 cm is needed.

Criterion for Initial Bed Contraction and Effects of Solids
Wettability. As indicated earlier, the bed may either contract or
expand when a low flow rate of gas in introduced into a liquid-solid
fluidized bed. According to Darton and Harrison (1975), the bed
contracts if

0

a0, (eg + €) Uy 0 <0 (10)
Based on the solid-free wake model, mathematical descriptions for
the criterion of the contraction-expansion behavior were presented
by Darton and Harrison (1975), Epstein and Nicks (1976), and
Epstein (1976). Recently El-Temtamy and Epstein (1979) devel-
oped the criterion based on the generalized wake model of Bhatia
and Epstein (1974a). They showed that bed contraction occurs
when ¢, defined as:

[ n U xk(Ug/€g)
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is negative. The results of these investigations indicate that a large
value for k, a high bubble velocity or a high liquid viscosity favors
bed contraction, whereas large particle size or high particle density
favors bed expansion. These indications are quantitatively con-
sistent with the experimental observation of the holdup behavior
by Kim et al. (1975), who measured phase holdup characteristics
with varying viscosity and surface tension of the liquid.

Bhatia et al. (1972) investigated the effect of the wettability of
the particles on bed expansion using 1 mm glass beads coated with
Teflon spray, giving rise to almost nonwettable conditions on the
particle surface. They observed that a bed of nonwettable beads
always expands upon the introduction of gas. In contrast, a bed of
clean, wettable beads contracts upon the introduction of gas at low
gas velocity. By rendering the solids nonwettable, the formation
of liquid wakes is probably inhibited; thus, beads of small non-
wettable particles expand upon the introduction of gas.

Using large particles (6 mm glass beads) with and without Teflon
coating, Armstrong et al. (1976a) investigated the effect of solid
wettability on holdup behavior. The nonwettable particles exhib-
ited greater bed expansion or smaller solids holdup. The gas holdup
for the Teflon—coated beads was much lower than that for the
uncoated beads. These results imply that by rendering the solids
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nonwettable, the increased gas-solid contact results in adherence
of the bubbles to the solids; thus, the breakup of the bubbles is re-
duced.

The work of adhesion, Wy, which represents the energy re-
quired per unit interfacial area to separate a liquid from a solid,
is given by:

WSLV = 0'(1 + COS@I) <12)

where o is the liquid-gas surface tension and & is the contact angle.
The solid tends to be nonwettable as f” increases. As shown by Eq.
12, the surface tension may also affect the tendency toward direct
contact between gas and solid. The use of a low surface tension
liquid causes bed expansion rather than bed contraction, as shown
experimentally by Dakshinamurty et al. (1971). The wake volume
is relatively insensitive to the surface tension in a bed of small
particles (Baker et al., 1977). Some discussions were made on the
effect of surface tension and solid wettability on x by El-Temtamy
and Epstein (1979). However, little consideration has been made
of the effect of surface tension on phase holdups (Mach, 1970; Kim
et al., 1975). Thus, additional study is required to elucidate the
effect of surface tension and solid wettability on the phase holdup
behavior in three-phase fluidized beds.

Flow Models Other than the Wake Model and Incipient Flu-
idization. A simplified flow theory to correlate the phase holdups
in both two- and three-phase transport systems was developed by
Bhaga and Weber (1972a,b). The linear relations between the
velocities of the individual phases and the gas and solids holdup
in the gas-liquid-solid flow system were deduced by assuming that
the local relative velocity of each of the dispersed phases (gas and
solid) is a function only of the dispersed-phase concentration and
the physical properties of the system. The theory was successfully
compared with the experimental data for individual phase holdups
which were taken under limited experimental conditions, involving
relatively low gas flow rates varying up to 2.5 cm/s and low solids
holdups varying up to only 6%. The model, however, does not take
into account the flow phenomena of the wakes behind the bubbles
and hence it cannot predict bed contraction in three-phase fluid-
ized-bed operation.

A cell model for three-phase fluidization at creeping flow was
developed by Bhatia et al. (1974). The model assumes that two
different spherical cells, which consists of a gas-liquid cell defined
by Gal-Or and Waslo (1968) for the cocurrent gas-liquid flow and
a liquid-liquid cell defined by Happel and Brenner (1965) for
liquid fluidized systems, can be coupled. This model, however,
cannot be verified since the experimental data available in the
literature are mainly in the intermediate or high Reynolds number
flow region. Furthermore, the model always predicts bed expansion
upon the introduction of gas in the liquid-solid fluidized bed.

All the flow models described above assume the holdups and the
velocities of individual phases to be uniform across the entire cross
section of the column. However, the distributions of the holdups
and velocities are not uniform in the radial direction in circular
columns as shown experimentally by Rigby et al. (1970a) for the
gas holdup, and by Morooka et al. (1982) for the gas holdup and
the liquid velocity. Morooka et al. (1982) found that the flow pat-
tern of the liquid phase in the three-phase fluidized bed is similar
to that of the bubble column: i.e., the liquid flows upward in the
central region and downward in the peripheral region. They pro-
posed a circulating flow model similar to that of Ueyama and
Miyauchi (1979) for a gas-liquid bubble column to simulate the
lateral distributions of gas holdup and liquid average linear ve-
locity.

The behavior of incipient fluidization for beds of fine particles
is considerably different from that for beds of coarse particles. For
three-phase fluidization utilizing small particles, Ermakova et al.
(1970a) defined three hydrodynamic states: fixed bed, heteroge-
neous fluidized bed, and homogeneous fluidized bed. The regions
of these states as functions of the gas and liquid flow rates are given
in Figure 7.

Ermakova et al. (1970a) proposed empirical correlations for the
onset liquid velocity for both heterogeneous and homogeneous
fluidization. In the region of heterogeneous fluidization some pe-
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Figure 7. Hydrodynamic States of Three-Phase Fluidization for the Bed of Fine
Particles (Ermakova et al., 1970).

culiar behavior of the pressure drop and the wall heat transfer have
been noted. This includes the exhibition of local maximum and
minimum points on the curve of total pressure drop vs. liquid flow
rate at a constant gas velocity (Muroyama, 1976), as well as on the
wall heat transfer coefficient vs. liquid velocity curve (Kato et al,,
1978, 1980). The heterogeneous fluidization region that exists in
beds of small particles does not exist in beds of large particles. In
the case of large particle fluidization, the bed expands uniformly
with either an increase of the liquid velocity or the gas velocity
beyond the onset fluidization condition. The liquid velocity re-
quired for the onset of fluidization in a bed of coarse particles de-
creases with an increase of the gas velocity (Begovich and Watson,
1978a; Lee and Al-Dabbagh, 1978). Empirical correlations of the
liquid velocity for the onset of fluidization were developed for beds
of coarse particles by Begovich and Watson (1978a). By comparing
the experimental data for pressure drop with the prediction based
on the equation proposed by Turpin and Huntington (1967) for
cocurrent gas-liquid beds, Lee and Al-Dabbagh (1978) concluded
that the onset of fluidization occurs when the pressure drop in the
packed bed is equal to the effective weight of the particles. Fan
et al. (1982d) studied incipient fluidization characteristics of a
cocurrent upward gas-liquid-solid fluidized bed containing a bi-
nary mixture of particles of varying sizes and/or densities. The
particles used were glass beads (3, 4 and 6 mm) and aluminum
particles (5.5 mm). The incipient fluidization velocity of the mix-
ture, Ujmys, was found to vary with that of flotsam particles (Upng ),
that of jetsam particles, (Ulnmys)e, and the weight fraction of the
jetsam particles, x2, by Upmg/ (Uimf)1 = {Utmg)e/ (Umgh 2.

Local Holdups and Entrainment of Solid Particles in the Dis-
engagement Section. The carryover of particles, which would pose
a serious practical problem for operation of a three-phase fluidized
bed, may occur if the height of the disengagement (free board)
section is not adequate. The measurement of the local holdups and
the analysis of the mechanism of particle entrainment and deen-
trainment in the free board region are, consequently, important
for design and optimal control of three-phase fluidized-bed sys-
tems.

Fundamental aspects of particle entrainment and deentrainment
in the transition region of the freeboard were phenomenologically
investigated by Page and Harrison (1974) using a two-dimensional
column. They observed that the particles are pulled from the upper
surface of the fluidized bed and carried by the wake behind the
bubble into the freeboard where vortices of particles are shed from
the wake. Since the liquid velocity in the freeboard is less than the
particle terminal velocity, the shed particles settle back into the
bed. They reported that particle entrainment decreases with de-
creasing bubble size and bubble frequency and with increasing
liquid velocity and particle size. They also reported that entrain-
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ment is considerably reduced by inserting a wire mesh baffle into
the freeboard section. The axial distributions of the gas and solids
holdups in the transition region were found by Begovich and
Watson (1978a,b) to be represented by the error functions involving
several adjustable parameters. Recently, El-Temtamy and Epstein
(1980b) presented a stagewise partition process model for the en-
trainment of the solid in the freeboard region, postulating that the
solid particles are carried by the wake behind the bubble and settle
with a slip velocity as given by Lapidus and Elgin (1957) in the
surrounding liquid-solid region. The model compares well with
the local solids holdup data.

Properties of Gas Bubbles. The flow behavior of a single bubble
was first investigated by Massimilla et al. (1961), who measured
the rise velocity of single gas bubbles with respect to the injected
gas volume at a constant expansion state in a 3.5 in. (89 mm) 1.D.
cylindrical, liquid fluidized bed of fine particles. It was found that
the bubble rise velocity increases with an increase of the bubble
volume in an identical manner as that for gas bubble rise in highly
viscous liquids. The rise velocity was observed to increase with an
increase of the bed expansion in their experiment.

Henriksen and Ostergaard (1974a), employing a cine photograph
technique, measured the rise velocity of large single bubbles in a
two-dimensional column. They utilized water and aqueous solu-
tions of methanol and glycerol as the fluidizing liquids and glass
beads of 0.2, 1 and 3 mm as the fluidized solids. They found that
the relationship between the bubble rise velocity and the bubble
size can be represented by an equation similar to that obtained by
Davies and Taylor (1950) for spherical cap bubbles rising through
inviscid liquids as:

Vio = K(gR)'/2 (13)

For spherical cap bubbles in gas-liquid systems, Davies and Taylor
(1950) showed that the value for K is 2/3. Henriksen and Oster-
gaard (1974a) reported that the surface tension of liquid has no
noticeable effect on the bubble rise velocities. They observed that
the shape of the bubble is commonly a cylindrical cap and the in-
cluded angle increases with an increase in viscosity of the fluidized
bed. The same conclusion for the bubble shape was made by Ost-
ergaard (1966). Vandershuren et al. (1974) reported that the
bubbles have a spherical cap shape, and the included angle de-
creases with an increasing liquid flow rate.

The rise velocity of single bubbles through a liquid fluidized bed
was also studied by Darton and Harrison (1974b). The equivalent
diameter of the bubble, dg, was found to vary from 5 to 25 mm in
a water fluidized bed of either 500 pm or 1 mm sand particles. The
drag coefficient for spherical cap bubbles was correlated by the
following equation:

4 dg B
Cp=-g-2=27+ 14
D Sg 32 pUBdB ( )
where
Us = Up = =1 (15)
i

The constant B in Eq. 14 was found to be a function of the bed
expansion and the particle size. The data for a bed of 500 pm
particles showed a higher drag coefficient for small bubbles than
for large bubbles.

El-Temtamy and Epstein (1980a) compared the bubble rise
velocity predicted from the Davies and Taylor relationship with
the experimental data of Darton and Harrison (1974b), and esti-
mated the radius of the spherical cap bubble, R, from the infor-
mation on the included angle reported by Henriksen and Oster-
gaard (1974a). They showed that the predictions of the bubble rise
velocity based on the Davies and Taylor equation is quite satis-
factory, provided the bed voidage is greater than about 0.5. The
discrepancy at low bed voidage was attributed to the non-New-
tonian behavior of the concentrated solid suspension.

Massimilla et al. (1961) reported that the bubble diameter in-
creases considerably with the distance above the gas distributor in
beds of small particles with diameters ranging from 0.22 to 1.1 mm.
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This is due to the fact that bubbles coalesce as they move up the
bed. Adlington and Thompson (1965) also observed considerable
bubble coalescence taking place in a three-phase fluidized bed
containing distributed sizes of alumina particles. Ostergaard (1964)
observed that the bubble size at low liquid flow rates is larger than
that at high liquid flow rates.

On the contrary, Lee (1965) reported that breakup of bubbles
takes place in a three-phase fluidized bed when the size of the
particle is comparable to that of the bubble. Utilizing 6 mm glass
beads and a gas distributing device which provides rather large
bubbles, he observed that the bubble diameter decreases with an
increase in the bed height. The measurement of the bubble di-
ameter was made immediately above the bed, which was main-
tained at a constant expansion ratio. In such a bed of coarse parti-
cles, the bubbles emerging from the surface of the bed appear to
be of uniform size (Ostergaard, 1969).

For beds of small particles, Ostergaard (1966) measured the
bubble frequency from a single orifice and the bubble frequency
at the bed surface. It was noted that the rate of coalescence de-
creases as the bed porosity increases and the change in bubble
frequency takes place within a relatively short distance from the
orifices. Rigby et al. (1970a) measured the local frequency, avetage
size, size distribution, rise velocity and local holdup of gas bubbles
in three-phase fluidized beds of 10 cm L.D. by electroresistivity
probes. They utilized rather fine particles with diameters ranging
from 0.12 to 0.775 mm. The average bubble size increased with
a decrease of the liquid flow rate and an increase of the axial dis-
tance in a manner similar to that reported by Massimilla et al.
(1961). Furthermore, the distribution of the bubble sizes became
wider with an increase of the axial distance or with a decrease of
the liquid flow rate. They found that the bubble velocity obtained
experimentally for the multibubble system is much higher than
that predicted by the Davies and Taylor relationship for the single
bubble system, and the trends of variation between the two bubbles
velocities are quite different. An empirical correlation was de-
veloped for the bubble velocity as:

1—¢
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where Up, Ug and Uj are in cm/s and [ is in cm.

Using a photographic technique, Page and Harrison (1972) ex-
amined the size distribution of bubbles leaving a three-phase
fluidized bed of 500 pm particles. They found that the logarithmic
cumulative distribution function varies linearly with the bubbles
size. Furthermore, they reported that at the higher liquid velocity
(1.43 cm/s) the bubble size distribution was independent of gas
flow rate and of the design of the gas distributor. At the low liquid
velocity (0.85 cm/s) the gas distributor again had no effect on the
bubble size distribution, but the bubble size markedly decreased
with an increase of the gas flow rate. Using an impedance dou-
ble-probe, Darton and Harrison (1974a) reported that the bubble
size in a three-phase fluidized bed of 500-600 um sand particles
follows a log-normal distribution, with a variance which increases
with an increase of the gas flow rate.

Bruce and Revel-Chion (1974) investigated the average size of
bubbles emerging at the surface of a fluidized bed of large glass
particles ranging from 2 to 8 mm in diameter. They observed that
the bubble diameter decreases with an increase of the particle size
in the range of 2 to 4 mm, reaches a minimum at a particle size of
6 mm and then increases at the size of 8 mm. For the 6 and 8 mm
particles, the size of the gas bubbles decreases as the liquid velocity
increases, reaching a minimum at a liquid velocity around 13.2
cm/s. A further increase in the liquid velocity increases the size
of the gas bubbles. They also reported that the bubble diameter for
a bed of 2 mm particles was virtually independent of the gas flow
rate, while for a bed of 6 mm particles it markedly increased lin-
early with an increase of the gas flow rate. Lee et al. (1974) reported
that the bubble size decreases with increasing particle diameter.
Lee and Buckley (1981) proposed an empirical correlation equation
which expresses the bubble diameter in a bed of 6 mm particles in
terms of the energy consumption in the liquid phase (Calderbank,
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1967). The effects of the surface tension and viscosity on the av-
erage bubble size and average bubble rise velocity were investi-
gated in detail by Kim et al. (1977). The measurements were made
by cine photography in a two dimensional column using 1.0 mm
glass beads, 2.6 mm irregular gravel, and 6 mm glass beads. They
indicated that the clouds of bubbles rise considerably faster than
a single isolated bubble expressed by the Davies and Taylor rela-
tionship. It was reported that both the size and rise velocity of the
bubble increased with the gas velocity, but size and velocity are
relatively insensitive to the liquid velocity, viscosity and surface
tension. The correlation equations for the average bubble size dg
and the rise velocity of the bubble relative to that of the liquid, Usg,
were given as follows.

dB = 13.4U10'052Ugo'248’)’0'0080'0‘034 (17)
U
Usg=Up— 2= 83.1U;0.0577,0.339,/0.02550179 (18
€
or
Ug = 18.0d509% (19)

Here dp is in mm, U; and U, in mm/s, ¢ in dyne/cm, and v in
Ns” /m2. Tt should be noted that some wall effects may exist in these
correlations due to the fact that the experimental column had a
rectangular cross section with a rather narrow width. The in-bed
bubble property distributions in a fluidized bed of large particles
were recently measured using a dual electrical resistivity probe by
Matsuura and Fan (1983). They reported that the bubble rise ve-
locity in the slugging regime exhibits the broadest distribution
which is followed by that in the coalesced bubble regime and the
dispersed bubble regime. It was noted that a small mean bubble
size is associated with a small variance in the dispersed bubble re-
gime while a large mean bubble size is associated with a large
variance in the coalesced bubble regime as well as slugging re-
gime.

The presence of small particles in a gas-liquid system commonly
results in considerable bubble coalescence. This has been attributed
to the effect of the liquid-solid suspension, which behaves as a
pseudohomogeneous medium with higher density and viscosity
than the liquid medium alone as indicated by several investigators
(e.g., Massimilla et al., 1961; Ostergaard, 1966; Rigby et al., 1970a).
The bubble size increases with the height above the gas distributor,
and extensive bubble coalescence takes place within a short distance
above the gas distributor (Ostergaard, 1966). On the other hand,
the bubble can be split by turbulent eddies resulting from the ag-
itation of the bed caused by the rising motion of the large bubbles.
Thus, the size distribution of the bubbles emerging from a three-
phase fluidized bed of fine particles is a product of the competing
effects of bubble splitting and bubble coalescence. The size dis-
tribution of the bubbles is virtually independent of the initial size
of the bubbles immediately above the distributor (Page and Har-
rison, 1972). The fundamental, physical mechanisms of these
phenomena, however, are not well understood and need to be
analyzed more extensively.

In a bed of coarse particles, bubble breakup takes place as first
reported by Lee (1965). The bubbles emerging from the surface
of such a fluidized bed are quite uniform and relatively small in
size compared to those observed in a solid-free gas-liquid system
(Ostergaard, 1969; Lee et al., 1974; Bruce and Revel-Chion, 1974).
The several mechanisms proposed to date on bubble splitting in
three-phase fluidized beds have been mainly concerned with coarse
particles. Lee (1965) and Lee et al. (1974) assumed that bubble
breakup occurs when particles with high momentum penetrate
into the bubble. According to their simple theory, bubble breakup
occurs when

2
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In their theory, the viscous force is neglected. Roszak and Gaw-
ronski (1979) considered a similar mechanism for the breakup of
liquid drops in a liquid-liquid-solid fluidized bed. Henriksen and
Ostergaard (1974b) reported, however, that in experiments where
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a single 5 mm steel sphere particle, or a 3 or 6 mm glass sphere
particle was released above a bubble, none of the bubbles disinte-
grated when the spheres fell through the bubble roofs. For the
multiparticle system the bubble can possibly be split by groups of
particles (Page and Harrison, 1972; Lee and Al-Kaisi, 1976).

Henriksen and Ostergaard (1974b) suggested that the bubbles
in pure liquids and in three-phase fluidized beds are broken up as
a result of the Taylor instability on the roof of the bubbles (Bellman
and Pennington, 1954) and the particles penetrating a large bubble
will not cause bubble breakage if the particle diameter is smaller
than the half of the wavelength of the smallest unstable wave. This
theory estimates that bubble splitting due to penetration by the
particle through the bubble roof proposed by Lee et al. (1974) can
take place in the air-water-glass spheres system only when the di-
ameter of the particles exceeded 8.5 mm, which is much larger than
2.5 mm experimentally determined by Kim et al. (1977) for air-
water-glass particle beds. Considering the fluid percolation through
the gas bubble, the bubble splitting mechanism based on the Taylor
instability concept was modeled and analyzed by Clift et al. (1974)
for the gas-solid fluidization system. The modification of this in-
stability model to the three-phase fluidization system was discussed
by Bhatia (1976). However, the validity of the modification was
questioned by Clift et al. (1976), as the fluid percolation through
the gas bubble does not occur in three-phase fluidization sys-
tems.

Semifluidized Bed and Draft Tube Spouted Bed. Studies of
semifluidization have been mildly concerned with liquid-solid or
gas-solid systems (e.g., Fan and Wen, 1959). Recently, Chern et
al. (1982) investigated the hydrodynamic behavior of the cocurrent
gas-liquid-solid semifluidized bed where liquid is the continuous
phase. The gas holdup and friction factor of the packed bed section
of the semifluidized bed were analyzed based on the phase sepa-
ration flow model. The generalized wake model, proposed by
Bhatia and Epstein (1974a) and refined further by El-Temtamy
and Epstein (1978), was adapted to account for the bed expansion
of the fluidized bed section of the semifluidized bed.

The hydrodynamic behavior of a draft tube three-phase spouted
bed including flow modes, pressure profile and pressure drop,
bubble penetration depth, overall gas holdup, apparent liquid
circulation rate, and bubble size distribution was studied only re-
cently by Fan et al. (1984a,d). They identified three flow modes
of operation: a packed bed mode, a fluidized bed mode, and a
circulated bed mode. They reported that at high gas flow condi-
tions, an optimal solids loading exists which yields a maximum
apparent liquid circulation rate. The average bubble size in the
draft tube region is higher than that in the annular region for both
the dispersed bubble regime and the coalesced bubble regime in
the draft tube region. The fundamental study of the draft tube
spouted bed is of considerable importance because of its potential
applicability in chemical and biochemical processing. Further
study is needed in this area.

Countercurrent Gas-Liquid-Solid Fluidization

Countercurrent three-phase fluidization with gas as the con-
tinuous phase has been given a variety of names. Kielback (1959)
was the first researcher to describe this type of fluidization in an
application to gas scrubbing processes and termed the phenomenon
“floating bed scrubber.” This fluidization mode has also been called
a “turbulent bed contactor” (TBC) by Douglas (1964), a “mo-
bile-bed contactor” by Tichy et al. (1972), and a “fluidized packing
contactor” by O’Neill et al. (1972). The Russian literature refers
this type of fluidization as a “tower with fluidizing packing” or a
“column with mobile packing.” The process has been widely used
in industry to absorb gases into the liquid phase, and the term
“turbulent contact absorber” (TCA) has become the most popular
English designation. Countercurrent three-phase fluidization with
liquids as the continuous phase is termed “inverse gas-liquid-solid
fluidization.”

Turbulent Contact Absorber. A TCA consists of a mass of par-
ticles confined between two retaining grids. The particles typically
consist of hollow, molded polyethylene or polypropylene spheres
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Figure 8. Pressure Drop and Bed Height as Functions of Superficial Gas Ve-
locity for a Given-Liquid Flow Rate for a TCA.

or foam polystyrene spheres with a density between 100 and 400
kg/m? and diameters between 10 and 38 mm. The open area of
the lower retaining grid in industrial units is normally greater than
70%. This large open area also allows the liquid to be drained by
gravity. The distance between the lower and upper retaining grids
is usually set at about three times the static bed height of the par-
ticles. The gas flows upward in a TCA as a continuous phase, while
the liquid is ordinarily sprayed over the top of the fluidized bed
and flows downward by gravity. A crosscurrent scheme to the
liquid flow is, however, also possible in the TCA operation as em-
ployed by Mrowiec and Laszuk (1974) who sprayed the liquid
through the side holes on the column wall, located just above the
retaining grid, and withdrew it from the bottom of the column.

As the gas flow rate is increased at a constant liquid flow rate in
a TCA, three successive hydrodynamic states are observed: the
static bed, the fluidized bed, and the flooding bed states. The
variations of the pressure drop in TCA columns are shown quali-
tatively in Figure 8 (O'Neill et al.,, 1972; Vunjak-Novakovic et al.,
1980). O'Neill et al. (1972) explained that two types of fluidization
are possible: i.e., the onset of fluidization for beds with very low
density packings occurs at a gas velocity before the flooding ve-
locity for the equivalent countercurrent packed bed, while the onset
of fluidization for packings with a demnsity higher than about 300
kg/m? (for air/water systems) always occurs at the flooding point.
The former mode of fluidization is termed Type I TCA—fluid-
ization without flooding and the latter is called Type II TCA—
fluidization with flooding. O’Neill et al. (1972) indicated that any
operating point in a Type I TCA occurs at flooding conditions. As
the gas flow rate is increased further, the “true” flooding bed state
is finally reached when the particles are pushed up to the upper
retaining grid where they form a packed bed (Barile et al., 1975).
In such a bed the pressure drop sharply increases with increasing
gas velocity, and the liquid is entrained in the exhaust gas stream
(Douglas et al., 1963). Due to intense liquid turbulence and high
mass transfer effects, a TCA is preferably conducted under the
Type II operating condition for chemical reaction application
unless the pressure drop is too high to be acceptable (Viswanathan
and Leung, 1984).

Recently, Uchida et al. (1980) showed that the onset of the true
flooding condition for the Type I TCA can be estimated from the
flooding chart for the packed bed. On the other hand, Gel’perin
et al. (1968b) claimed that the flooding condition of the TCA is also
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dependent upon the open area and geometry of the grid. They
proposed an empirical correlation equation to estimate the flooding
condition of the TCA with grid openings of 25 to 70%.

The mode of fluidization for shallow beds is considerably dif-
ferent from that for deep beds. Uniform fluidization occurs in beds
with static bed heights shorter than the column diameter, while
slugging phenomena are commonly observed in deep beds (Barile
etal, 1971). A flow regime map for a TCA using Y- and 3/p-in. (13-
and 19-mm) packings was presented by Barile et al. (1975), who
showed that the stable operation regime narrows with increasing
static bed height.

It has been observed that the open area of the supporting grid
strongly affects the hydrodynamics of the system (Gel'perin et al.,
1968b; Kito et al., 1976a,d, 1978). The data on the hydrodynamics
of the TCA, reported by Gel'perin et al. (1966), Blyakher et al.
(1967}, Aksel'rod et al. (1969), and Balabekov et al. {1969a, 1968b),
were obtained for grids with small open areas of 34.7-51.7%, 41%,
35.5-56.8% and 30-60%, respectively. Wall effects may also be
significant for small ratios of the column diameter to the packing
diameter.

A steady-state macroscopic force balance for the TCA is given
by (Wozniak, 1977):

APc = (psfs + pie + pgfg)gH + 2F (21)
and
SF=F, +F, +F, (22)

Information about F, is not available in the literature. A number
of authors have observed that Fy is strongly affected by grid ge-
ometry, and correlations for F; were developed by Blyakher et al.
(1967), Gel’perin et al. (1968b), Levsh et al. (1968b) and Mayak
and Matrozov (1969). Tichy et al. (1972) found that F; was negli-
gible for a grid with an opening of 83%. When the pressure drop
is considered only for the fluidized bed section, Fg does not have
to be taken into account. Kito et al. (1976¢) stated that F; can be
neglected when a stagnant liquid layer is not present on the lower
retaining grid. Wozniak (1977) and Uysal (1978) concluded that
for a large diameter column F,, is very small and can be virtually
neglected.

Neglecting the effects of the grids, the wall, the surface tension
and the gas phase static head, Eq. 21 can be reduced to

AP; = (ps&s + preg)gH = (pses s + prevse)gHo  (23)

€15 and € o in Eq. 23 are defined respectively by €/ = (H/Ho)e
and €5 = 1 — €p = (H/Hyp)e,. Equation 23 was employed by Barile
and Meyer (1971) and Tichy and Douglas (1973) to correlate
pressure drop data. The pressure drop due to the weight of dry
packing is always constant, while that due to the liquid holdup is
a strong function of operating conditions and the geometry of the
system.

In the fully-fluidized state where the pressure drop is almost
independent of gas velocity, Tichy et al. (1972) found the pressure
drop to be independent of packing size. Barile and Meyer (1971),
however, reported pressure drop data which increase with de-
creasing packing size. Packing height also affects the pressure drop
(Wozniak, 1977; Kito et al., 1976e). This is a result of the fact that
the liquid holdup depends on the static bed height, as will be shown
later.

Experimental data on the pressure drop of TCA’s were reported
by several authors (Douglas et al., 1963; Gel'perin et al., 1966;
Balabekov et al,, 1969b; Miconnet et al., 1982). Macroscopic models
attempting to correlate the pressure drop in the TCA were pro-
posed by several investigators (Blyakher et al., 1967; Gel'perin et
al., 1968b; Levsh et al.,, 1968a,c; Chen and Douglas, 1968; Barile
and Meyer, 1971; Kito et al., 1976e; Wozniak, 1977; Uysal, 1978).
Blyakher et al. (1967) and Gel'perin et al. (1968b) obtained em-
pirical correlations for pressure drop due to the hydraulic head of
liquid.

The correlations for pressure drop in a TCA are summarized in
Table 5. Some of them are purely empirical in nature, but the
majority are developed based on Eq. 21 or 23. It is obvious from
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TABLE 5. CORRELATION EQUATIONS FOR PRESSURE DROP IN A SINGLE-STAGE TCA

Correlation Equations*
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TABLE 6. CORRELATION EQUATIONS FOR BED EXPANSION IN A TCA

Investigators f ps [kg/m®]  D./d, Correlation Equations* /Comments
Blyakher et al. See Table 5 H

(1967) — = L.17 4 (0.65 + 24.6U ) Ug — Ugmy)
Levsh et al. 0

(1968¢)** H/Hy = 4.4U*U% (U; < 0.0078 m/s, Uy < 2.5 m/s)

H/Ho= 2.3U?~35U§ (U; > 0.0078 m/s, Uy > 2.5 m/s)

, 0.93 .
Aksel’rod and 03~06 150~500 >9.0 H = 0.933U)H}® (ﬁ) for Ue =6m/s, H=216UH® (y—g)m for Ug <6m/s
Yakovenko f f f f
(1969) _ 12
Khanna (1971) 0.7 155 ~ 458 3.7~11 y— =1+4+0.414 (G—g-—M)
(quoted from 0 Gems
Uysal, 1978) H
Tichy and Douglas 0.7 155 ~458 3.7~11 == =(.8849 + 0.3166G, — 18.33d, + 0.5852G1°d%5
(1972) Ho ¢ g ’
Uysal 0.87 76~158 H _ | 017 Ge = Cemp)
(1978) Ho ) o
O’Neill et al. H l—e ¢
(1972) o 1—0 = ';—s' Correlation for € was proposed
1] —€ s
Gel'perin et al. See Table 5
(1968b)
Kito et al. See Table 5 H _(1—e)t s _ €t + st
(1976d) He  1-¢  l—c¢
Uchida et al. o 5 ¢
(1977)
Vunjak-Novakovic See Table 5 Correlation equations for ¢4, and ¢4 are given in Table 7

et al. (1980)

* Use SI units for variables involved in the equations.
** Special type of packing {plastic ring) was used.

these equations that the liquid holdup needs to be correlated in
order to be able to estimate the pressure drop.

Clearly, the pressure drop without grid friction can be readily
evaluated from Eq. 23 once the liquid phase holdup is known. It
should be noted, however, that the pressure drop due to grid fric-
tion strongly depends on the geometry of the grid and the fluid
through flow velocity. More studies on grid effects are needed.

Bed expansion data were first reported by Gel'perin et al. (1966)
who used a supporting grid with an open area of only 34.5%. Chen
and Douglas (1968) gave a graphical representation for the bed
expansion. The bed height increases linearly with increasing gas
velocity and also increases with increasing liquid velocity. Tichy
and Douglas (1972) reported that the reduced bed height, H/ H,,
is independent of both the static bed height and the packing density
for low-density packings.

Experimental data on bed expansion for packings of relatively
high density were obtained by Balabekov et al. (1969a) and Stru-
millo et al. (1974). A rapid increase in bed height has been observed
in the region in which the gas velocity is close to the flooding point
(Tichy and Douglas, 1973). When the liquid holdup and gas holdup
can be estimated, the reduced bed height can be calculated from
a simultaneous volume balance on the liquid and solid phases:

H_l-¢c+ aq

H-o 1—¢, (24)

Table 6 summarizes correlation equations for bed expansion in a
TCA.

A small open area in the distributing grid strongly affects the bed
expansion since a liquid layer builds up immediately above the
grid, and as a consequence, the liquid holdup varies across the TCA
in the axial direction. Levsh et al. (1968b) attempted to correlate
the height of the liquid layer. The behavior of such beds may re-
semble that of a bubble column or sieve tray. Such beds can even
be operated with a stationary liquid phase (Kito et al., 1976a,b,c).

In analyzing the pressure drop in the TCA, a number of corre-
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lations for the liquid holdup have been proposed as summarized
in Table 7.

Gel’perin et al. (1968b) defined two liquid holdups: i.e., the
liquid holdups in the region near the grid and in the fluidized bed.
They presented an empirical correlation for the latter, showing that
the liquid holdup is affected by the static bed height. Using a
transient-response technique, Chen and Douglas (1968) found that
liquid holdup is independent of gas flow rate but increases with
increasing liquid flow rate and with decreasing packing size. Their
packing diameter was varied from 12.5 to 38 mm in diameter.
Barile and Meyer (1971) also presented a correlation of liquid
holdup taking into consideration the effect of static bed height in
a manner similar to Gel'perin et al. (1968b). The effect of the open
area of the supporting grid on the liquid holdup was evaluated by
Kito et al. (1976e, 1978) and Kuroda and Tabei (1981). Mayak and
Matrozov (1969) also gave a correlation for the liquid holdup in
a TCA. Recently, Vunjak-Novakovic et al. (1980) proposed liquid
holdup correlations for the two types of fluidization: Type I TCA
and Type I TCA.

Relatively little information is available regarding gas holdup
in a TCA. Gel'perin et al. (1968b) were the first to propose a cor-
relation equation for the gas holdup in a TCA. Kito et al. (1978)
reported that the gas holdup is nearly independent of packing
density, liquid viscosity and static bed height. They also stated that
the gas holdup increases with increasing gas velocity, but it is un-
affected by the liquid velocity. According to their results, the
opening area of the supporting grid had virtually no effect on the
gas holdup. Kito and his coworkers have developed several corre-
lations for gas holdup in the TCA. The first correlation is for a TCA
with a stagnant liquid (Kito et al., 1976b). The open area of the
supporting grid was varied between 1.27 and 31.5%. The second
correlation is for gas holdup in a TCA with countercurrent gas-
liquid flow (Kito et al., 1976e). Their third correlation was a di-
mensionless equation also for a TCA with countercurrent gas-liquid
flow (Kito et al., 1978). Vunjak-Novakovic et al. (1980) also pro-
posed an empirical correlation for gas holdup in a TCA. Kito et al.
(1976a) have also reported that the gas holdup may vary linearly
with the gas-liquid interfacial area.
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To estimate the holdups of liquid and gas, the correlations by
Kito et al. (1978) which cover a wide range of physical properties
of particles and operating conditions are recommended to use.

Kito et al. (1976d, 1976e) observed that the bed progressively
expands prior to achieving the fully fluidized state, and thus it
appears that the minimum fluidization velocity defined by the
pressure drop method is always greater than that defined by the
Eeduced bed height method as employed by Chen and Douglas

1968).

It has been generally observed that the minimum fluidization
velocity decreases with increasing liquid flow rate and with in-
creasing packing diameter (Chen and Douglas, 1968; Kito et al.,
1976d; Vunjak-Novakovic et al., 1980). Kito et al. (1976d) reported
that the minimum fluidization velocity increases with increasing
packing density, but is independent of static bed height. Gel’perin
et al. (1968b) reported that the minimum fluidization velocity is
a strong function of the open area of the grid, but this is in contrast
with Kito et al. (1976d) who reported that it is practically inde-
pendent of grid area.

The geometry of the experimental system, especially the open
area of the grid, as well as the operating conditions, must be taken
into account to develop reliable correlation equations. The corre-
lation equations for estimating the minimum fluidization velocity
are summarized in Table 8. Most of the equations listed are purely
empirical in nature, and there are considerable differences in the
minimum fluidization velocity estimated by these equations.
Differences in the techniques used to determine the minimum
fluidization velocity may yield different correlation equations.

O'Neill et al. (1972) established a theory for incipient fluidization
in the TCA. For a Type I TCA, the incipient gas fluidization ve-
locity can be obtained by equating the pressure drop through the
bed with the wetted particle weight. The incipient gas fluidization
velocity for a Type IT TCA is independent of packing density and
is determined from a flooding chart for countercurrent packed bed
operation. Vunjak-Novakovic et al. (1980) have confirmed O’Neill’s
theory for several packings. Recently Kuroda and Tabei (1981)
applied the one-dimensional, two-phase flow model proposed by
Wallis (1969) to obtain a correlation of the apparent friction
coefficient in a countercurrent packed bed. The minimum fluid-
ization velocity could be estimated by combining the momentum
balance equations for both the gas and wetted particle phases. It
is also noted that the model proposed by Kuroda and Tabei does
not require a distinction between the fluidization modes defined
by O'Neill et al. (1972).

The pressure drop method generally provides a feasible ap-
proximation to estimate the minimum fluidization velocity. The
mechanism of fluidization in a TCA illustrated by O’Neill et al.
(1972) has laid a conceptual basis for analysis of the minimum
fluidization velocity and the pressure drop. In future studies, cor-
relations for hydrodynamics in a TCA should be established on such
a basis.

Inverse Fluidized and Semifluidized Bed. The term “inverse
three-phase fluidization™ was first introduced by Page in 1970
(Epstein, 1981). Stretton and Stuckey (1971) investigated the dis-
solution of carbon dioxide bubbles in “inverse” water-fluidized beds
of polyethylene chips (specific gravity = 0.925). In the study of
three-phase inverse fluidization under the confined condition,
Werner and Schugerl (1972) reported that the gas holdup increases
appreciably with an increase of the solid content in the column.
Fine particles with sizes from 125 to 250 um were used in their
experiments. Using large particles ranging from 6.35 to 10 mm in
diameter, Chern et al (1981) and Fan et al. (1982a,b) found that
the characteristics of bed expansion and gas holdup were strongly
affected by the flow regimes.

The inverse fluidized bed is characterized by high gas holdups
and ease in refluidization after power failure when applied to bi-
ological wastewater treatment (Edwards, 1981; Shimodaira et al.,
1981). Because of the demonstrated industrial application in bio-
logical processing, extensive studies on hydrodynamics are needed
for the inverse fluidized bed.

Unlike cocurrent upward gas-liquid-solid semifluidized bed
operation, the expanded fluidized bed in the countercurrent (in-
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verse) gas-liquid-solid semifluidized bed with a liquid as the con-
tinuous phase may not form a packed bed when it first reaches the
lower retaining grid. Instead, the solid particles are distributed
uniformly throughout the space bounded by the retaining grids,
although the free expansion height of the bed far exceeds the
bounded height (Fan et al., 1982b). However, when either the
liquid or the gas velocity exceeds a certain value, a packed bed
above the retaining grid will form.

MIXING OF PHASES IN GAS-LIQUID-SOLID FLUIDIZATION

In three-phase fluidized beds, plug flow can often be assumed
for the gas phase. Appreciable backmixing, however, may occur
in the liquid phase, especially for beds of fine particles in cocurrent
three-phase fluidization. The backmixing of the liquid and solid
particles in such a bed is primarily caused by the rising motion of
coalesced large gas bubbles. Segregation or stratification phe-
nomena of the solid particles occur in a fluidized bed containing
particles with a wide size or density distribution. Such a segregation
behavior of the solid phase is particularly pronounced for biological
fluidized bed reactors. The solids mixing diminishes the segregation
or stratification as the gas flow rate increases in the three-phase
fluidized bed.

The axial dispersion model has been most commonly used to
describe the backmixing behavior of the fluid phases and to sim-
ulate chemical conversion in the three-phase fluidized bed reactor
(Ostergaard, 1968; Ermakova et al., 1973, 1977, 1979; Parulekar
and Shah, 1980; Shah et al., 1981). An extensive review of fluid
mixing in gas-liquid reactors was provided by Shah et al. (1978).
In the following, the studies of fluid mixing and solid mixing in
cocurrent gas-liquid-solid fluidized beds are described. Fluid
mixing in the TCA is also described.

Cocurrent Gas-Liquid-Solid Fluidization

Liquid Mixing. Vail et al. (1968) measured liquid mixing in a
cocurrent three-phase fluidized bed using the steady-state tracer
injection method. They determined the height of a unit of perfect
mixing for three-phase fluidized beds with 0.86 mm molten sludge
particles in a 146 mm I.D. column. Ostergaard and Michelsen
(1968) and Ostergaard (1969) studied axial mixing of both the
liquid and gas phases in a three-phase fluidized bed with 0.25, 1
and 6 mm glass beads in a 0.216 m LD. column. An imperfect
tracer pulse method was employed utilizing gamma ray emitting
isotopes bromine-82 and argon-41 as the liquid phase tracer
(aqueous ammonium bromide solution) and the gas phase tracer,
respectively. They employed the transfer function to evaluate the
mixing parameters based on the axial dispersion model instead of
the model based on the methods of first and second moments. This
is because the calculated moments were very sensitive to small
measurement errors in the tails of the residence time distribution
curves and consequently significant errors could be caused in the
calculation (Ostergaard and Michelsen, 1969; Michelsen and
Ostergaard, 1970).

Ostergaard and Michelsen (1968) and Ostergaard (1969) re-
ported that the degree of axial liquid mixing in a bed of 0.25 and
1 mm particles at high liquid flow rates was comparable to that in
the corresponding gas-liquid flow, both in intensity and in trend.
However, the intensity of the axial mixing in a bed of 6 mm par-
ticles was found to be much lower than that in the corresponding
gas-liquid flow. Michelsen and Ostergaard (1970) measured the
axial liquid mixing in a three-phase fluidized bed with 1, 3 and 6
mm glass beads in a 152.4 mm 1.D. column, utilizing the same
tracer response system previously reported (Ostergaard and Mi-
chelsen, 1968; Ostergaard, 1969). The beds of 6 mm particles were
characterized by a very low degree of axial liquid mixing in the
dispersed bubble flow regime where the superficial gas velocity
was lower than 15 cm/s, while the degree of axial liquid mixing
increased considerably at gas velocities exceeding 15 cm/s. The
bed of 3 mm particles exhibited rather complex behavior with
respect to the flow regime. Kim et al. (1972) also measured the
height of the liquid phase mixing unit in a 660 mm wide and 25
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mm thick two-dimensional three-phase fluidized bed. The particles
utilized were 2.6 mm gravel and 6 mm glass beads. An empirical
correlation equation for the height of a mixing unit of the liquid
was developed as a function of the Reynolds and Froude numbers
of both the gas and liquid phases, and of the ratio of the particle
density to fluid density.

The axial liquid mixing in the transition regime between a fixed
bed and a fully developed fluidized bed with a cocurrent gas-liquid
up-flow was investigated by Ohshima et al. (1977). Davidson et al.
(1977) showed that, depending on the liquid flow rate, the axial
dispersion coefficient, E,;, of the liquid retains a value between
about 40 and 120 cm?2/s in the dispersed bubble flow regime; in
the coalesced bubble flow regime, E,; retains very high values,
varying from 200 to 400 cm? /s, and increasing with an increase
of the gas drift flux. Muroyama et al. (1978) also measured the axial
dispersion coefficients of the liquid in three-phase fluidized beds
of 60 and 100 mm diameter using an imperfect tracer pulse tech-
nique with transfer function analysis. The empirical correlation
equation provided by them are

Pe’ = (_‘%) = 1.07(U1)0'738(Ug)_0'167(D0)_0'583 (25)

2l

for the coalesced bubble flow regime and

Pe’ =26 (42)1/ ? (26)
D,
with the limit of 0.02 <d,,/D. <0.12, for the dispersed bubble flow
regime, where U; and Uy are in cm/s, and D, and d, are in cm.
The behavior of Pe’ in the slug flow regime was found to be similar
to that in the coalesced bubble flow regime. Ostergaard (1978)
reported that the axial dispersion coefficient in the 228 mm L.D.
column was higher by 50% than that reported by Michelsen and
Ostergaard (1970) for the 152.4 mm LD. column with bed particles
of 1 mm, and higher by roughly 100% than that with bed particles
of 6 mm. These results indicate that the axial dispersion coefficient
in three-phase fluidized beds varies with the column diameter to
the power of 1.1 to 1.7 which is in reasonably good agreement with
results obtained by Muroyama et al. (1978} and is comparable to
the value of 1.5 obtained for gas-liquid bubble columns (Towell
and Ackerman, 1972). El-Temtamy et al. (1979a) also measured
the axial dispersion coefficient of the liquid in three-phase fluidized
beds with 50 mm I.D., using the steady-state tracer injection
technique as employed by Vail et al. (1968). Glass beads of 0.45,
0.96, 2 and 3 mm average diameter were used as fluidizing parti-
cles. They reported that the backmixing measurement could not
be made in a bed of 3 mm particles due to the low degree of
backmixing. The axial dispersion coefficients of 3 mm particles
were obtained by El-Temtamy et al. (1979b) from a measurement
of the radial concentration profiles in the downstream liquid caused
by a steady flow of the tracer from a point source. They were able
to develop an empirical correlation for the axial liquid dispersion
coefficient. Recently, a unified correlation of the axial liquid
mixing in gas-liquid two phase columns and three-phase fluidized
beds was proposed by Joshi {1980), who developed an energy bal-
ance mode! for liquid mixing. The correlation equation has the
form:

E;=029U; + V.)D, (27)

where Eyisinm?2/s, D, inm, and V. inm/s. V. can be calculated

by:
nU;
€&ps + €p;

1/3
- 1)U, - egv,,w“ (28)

Vv, =131 ,gDc Ug + U -

e ( Ps
* €Ps + €1p]

Here, Uy, Uy, Uy and Vi, areinm/s, and p; and p, arein kg/m.
Kim and Kim (1981) examined the effects of the liquid viscosity
and surface tension on the axial dispersion coefficient of the liquid
in a three-phase fluidized bed. The axial dispersion coefficient
slightly increased with the liquid viscosity for a bed of large par-
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ticles, i.e., 6 mm glass beads, but it decreased with viscosity at high
gas flow rates in a bed of small particles, i.e., 1.6 and 3 mm particles.
The axial dispersion coefficient increases somewhat with an in-
crease in the surface tension of the liquid. The recent correlation
on liquid-phase axial mixing by Kim and Kim (1983) covers a wide
range of literature data. However, they did not take into consid-
eration the effect of viscosity and surface tension of the liquid on
the axial dispersion coefficient. Their equation is:

d,U; d 1.66( U )1.03
%Yl _ 9p19 (22 . 29
Ezl 2019 (DC) Ul + Ug ( )

An experimental study was conducted on radial liquid mixing
for cocurrent three-phase fluidization by El-Temtamy et al.
(1979b). The radial dispersion coefficient of the liquid in three-
phase fluidization was found to be much less than the axial dis-
persion coefficient. For example, for beds of 3 mm glass beads, the
radial dispersion coefficient was roughly Y% to ¢ of the axial dis-
persion coefficient, while for beds of 0.45 and 0.96 mm glass beads
the radial dispersion coefficient was roughly Yo to Yag of the axial
dispersion coefficient. The axial dispersion coefficient increases
with an increase of the gas velocity. However, no conclusive rela-
tionship could be identified between the axial dispersion coefficient
and the liquid velocity or the particle size. The radial liquid dis-
persion coefficients in three-phase fluidized beds were also mea-
sured by Muroyama et al. (1981) who obtained the coefficient from
the effective thermal conductivity data in heat transfer experi-
ments. The Peclet number for radial liquid mixing in three-phase
fluidized beds appreciably decreases with an increase of the gas
flow rate. However, a minimum exists in the variation of the Peclet
number for radial liquid mixing with respect to the liquid flow rate
in a manner similar to that observed in liquid-solid fluidized beds
(Hanratty et al., 1956; Patel and Simpson, 1977).

To estimate the axial liquid dispersion coefficient in cocurrent
three-phase fluidization, the correlations of Muroyama et al. (1978)
or Kim and Kim (1983) are recommended to use at this stage. The
correlation by Joshi (1980) is applicable only for a bed of small
particles. The effect of the bubble flow pattern and the physical
properties of particles and liquid on the liquid mixing should be
further studied to establish better correlations. Further studies are
also needed on the radial liquid dispersion as it directly relates to
the radial convective heat transfer. The mixing phenomena under
high velocity conditions which are of industrial interest also require
further attention.

Gas Mixing. The use of a radioactive gas tracer with very low
solubility can be used to measure the gas phase residence time
distribution, thereby obtaining the mixing parameter of the gas.
Ostergaard and Michelsen (1969) and Michelsen and Ostergaard
(1970) used argon-41 as a gaseous tracer and measured the re-
sponses of the tracer pulse in the gas phase indirectly from the
outside of the column. However, mixing in the gas phase is rather
difficult to analyze quantitatively due to the complex effects in-
volved in the absorption of the tracer material into the liquid phase
and the redispersion and coalescence features of the gas bubbles.
Ostergaard and Michelsen (1969) showed a simplified methoed to
analyze the imperfect pulse response of the radioactive gas tracer
which diffuses from the gas bubbles into the liquid in a finite
amount. The height of mixing unit of the gas (HMU,,) was deter-
mined by Ostergaard (1969) for three-phase fluidizeﬁ beds of 216
mm LD. with 0.25, 1 and 6 mm glass beads. The values of HM U,
in three-phase fluidized beds were found to be comparable to those
in gas-liquid bubbling columns. Michelsen and Ostergaard (1970),
however, reported that the determination of the axial dispersion
coefficient suffered from great difficulties since the axial dispersion
model was proven to be unsuccessful in accounting for the gas
phase mixing in systems with rapid coalescence. In such systems,
negative dispersion coefficients were observed. Furthermore, ac-
curate determination of the axial dispersion coefficient for the gas
phase is difficult for beds of large particles. This is due to the fact
that a large amount of tracer was transferred from the gas to the
liquid and, thus, independent measurements of tracer in both
phases were required for such systems. Recently, Vasalos et al.
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(1979, 1980) measured the gas phase mixing in the H-Coal fluid-
ized-bed reactor (or ebulated bed reactor) by employing the same
gas tracer system as that employed by Ostergaard (1969) and Mi-
chelsen and Ostergaard (1970). They reported that considerable
gas phase mixing exists in the reactor and evaluated the axial dis-
persion coefficient of the gas.

Gas phase mixing in a cocurrent slurry flow system containing
water, air and 250 pm quartz particles in suspension was investi-
gated by Afshar and Schugerl (1968). The solid concentration in
their experiment, however, varied up to only 4%. The degree of
gas mixing in a bubble column slurry reactor was assessed using
the complete mixing tanks in series model (Kolbel et al., 1962).

Solids Mixing. An experimental investigation to assess the rates
of motion of the solid and liquid phases in a gas-liquid-solid
fluidized system was carried out by Evstropeva et al. (1972). They
measured the average velocities and mean square values of the
fluctuation velocity components for the rates of motion of light and
heavy tracer particles which simulate the motion of the liquid and
the fluidized particles, respectively. A qualitative investigation of
solids mixing in cocurrent three-phase fluidized beds containing
a binary mixture of glass beads was conducted by Fan et al. (1982c,
1984e). They noted that the complete mixing state occurs largely

- in the coalesced bubble regime and the slugging regime and slightly
in the transition regime. The partial intermixing state occurs largely
in the dispersed bubble regime and the transition regime and
slightly in the coalesced bubble regime. The complete segregation
state occurs solely in the dispersed bubble regime. Quantitative
studies of solid concentration profiles and degree of mixing and
segregation of a binary mixture of particles in a three-phase
fluidized bed were recently conducted by Fan et al. (1984f) using
multiple shutter plates for column isolation. They found that the
degree of particle segregation decreases sharply with an increase
in the gas velocity. The degree of solids mixing, however, would
be expected to be lower than that of the liquid mixing in three-
phase fluidized beds in the same manner as that observed in the
liquid-solid fluidized bed by Al-Dibouni and Garside (1979).

The criteria for the onset of stratification in the liquid-liquid and
liquid-solid particle mixtures agitated by gas bubbling were defined
experimentally by Epstein et al. (1981). The bubble supported bed
was operated with a stationary liquid. In principle, the incipient
mixing (or stratification) process was viewed as a quasi-static bal-
ance of body forces.

Fluid Mixing in the Turbulent Contact Absorber

Axial mixing of the liquid in the TCA was investigated by Chen
and Douglas (1969). The liquid phase axial dispersion coefficient,
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Figure 9. Variation of TCA Peclet Number with Reduced Gas Velocity Defined
by Chen and Douglas (1969).
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E;, was found to increase with increasing gas flow rate, increasing
liquid flow rate and increasing particle diameter. They also showed
that the Peclet number based on the particle diameter, Pe” =
Vid,/E,, decreases as the gas flow rate increases. Chen and
Douglas (1969) also observed that the excess gas flow rate over that
required for incipient bed motion, represented by the quantity (G,
— Ggms)/ Ggmy, is a measure of the intensity of bed motion. The
ratio of the TCA Peclet number to that of the countercurrent
packed bed Peclet number, Pe”/Pey”, could be successfully cor-
related in terms of the excess gas velocity, (Gg — Ggmg)/ Ggmy, and
the ratio of the particle diameter to column diameter as given in
Figure 9.

Koval et al. (1975) also measured the axial mixing of the liquid
phase in a TCA, using the pulse response tracer technique. The
values of Pe” resemble those of Chen and Douglas (1969) in
magnitude and in trend. However, the numerical data reported
by Koval et al. (1975) for liquid mixing are quite limited. More
experiments should be conducted on the liquid mixing in a TCA
for various properties of particles and liquid.

HEAT TRANSFER OF GAS-LIQUID-SOLID FLUIDIZATION

To design and control three-phase fluidized bed reactors, a
knowledge of the heat transfer characteristics of the reactor is es-
sential. Heat transfer studies of the fluidized bed have been con-
ducted mainly on gas-solid and liquid-solid fluidized bed systems
(Gel'perin and Einstein, 1972; Botterill, 1975; Grace, 1982). Rel-
atively little information on heat transfer is available for three-
phase fluidized bed systems.

Cocurrent Gas-Liquid-Solid Fluidization

Van Driesen and Stewart (1964) reported that the temperature
distribution is virtually uniform throughout the H-Oil fluidized-bed
reactor even when the heat of the reaction is sufficient to raise the
temperature of the entire feed by 55.6 K. The uniform temperature
distribution within the H-Qil or H-Coal reactor is due to the rela-
tively high degree of internal backmixing and the large recycle
flow of the liquid. The thermal stability of an H-Oil reactor during
upset conditions such as the total loss of the liquid and hydrogen
flow was investigated by Li and Lin (1981). They reported that the
fluidized bed reactor is more thermally stable with a lower bed
temperature gradient than a trickle bed reactor. The hydrogen
quench operation to reduce the temperature rise across coal lig-
uefaction reactors involving the H-Coal fluidized bed or SRC-II
slurry reactor was investigated by Shah et al. (1981), and Shah and
Parulekar (1982) who presented a mathematical model to illustrate
the problem of intrastage quench in an adiabatic multistage re-
actor.

The heat transfer from the surface of either the column wall or
an immersed heater to the three-phase fluidized bed has been
studied by several authors. Ostergaard (1964) measured the heat
transfer coefficient from the wall to a fluidized bed of 76 mm L.D.
containing 0.5 mm glass spheres. The heat transfer coefficient was
shown to increase sharply with an increase of the gas flow rate in
the lower flow rate range. At higher gas flow rates the heat transfer
coefficient did not vary with an increase in gas flow rate.
Viswanathan et al. (1964) studied the wall to bed heat transfer in
three-phase fluidized beds containing small particles. They mea-
sured the overall heat transfer coefficient at a constant bed ex-
pansion by varying the ratio of the gas flow rate to liquid flow rate
and reported that a maximum heat transfer coefficient occurs as
the velocity ratio increases. However, an assessment of the effect
of individual operating variables on the heat transfer coefficients
is difficult using their unique experimental technique. The effects
of individual operating parameters, including the gas and liquid
flow rates and particle diameter, on the heat transfer characteristics
in three-phase fluidized beds were investigated by Armstrong et
al. (1976b) and Baker et al. (1978). They measured the heat transfer
coefficients between the surface of an immersion rod heater and
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the three-phase fluidized bed. The trend of the variation of the heat
transfer coefficient with respect to the gas flow rate was observed
to be similar to that reported by Ostergaard (1964). It is noted that
the variation of the heat transfer coefficient with the liquid velocity
in three-phase fluidized beds exhibits a maximum similar to that
observed in liquid-solid fluidized beds. The heat transfer coefficient
increases with particle diameter when the particle diameter is
greater than about 1 mm (Armstrong et al., 1976b). Kato et al.
(1978, 1980, 1981) reported that the wall heat transfer coefficients
for a bed of 0.12 m L.D. with small particles exhibits a local maxi-
mum and then a minimum during the transition from the fixed bed
to a fully developed fluidized bed as the liquid flow rate increases.
This behavior of the heat transfer coefficient across the transition
regime may be attributed to the heterogeneity in a bed of fine
particles operated at a low liquid velocity as reported by Ermakova
et al. (1970a). However, such behavior becomes less distinct for beds
of coarse particles (Kato et al., 1980). Correlation equations to es-
timate heat transfer coefficients for a fully developed fluidized bed
were presented by Baker et al. (1978), Kato et al. (1981), and Mu-
royama et al. (1981). The correlation equation of Kato et al. (1981),
which takes into consideration the effect of the liquid viscosity on
the heat transfer coefficient, is given below:

hd, ¢ _ [ d,Uip; C m,]o.78+2‘0 (ggf)o.n (30)
N1 - «) wl—e) N gdy

A uniform temperature distribution in the phases of three-phase
fluidized beds has been observed by various investigators including
Viswanathan et al. (1964), Baker et al. (1978), and Kato et al. (1980).
Thus, the only resistance considered for heat transfer is in the region
very close to the heat transfer surface. It should be noted that the
heat transfer coefficients were usually obtained based on the as-
sumption that either the fluid mixing was negligibly small
(Viswanathan et al., 1964) or the fluid was completely mixed in the
bed (Baker et al., 1978; Kato et al., 1980, 1981). Muroyama et al.
(1981), however, took into consideration the effects of fluid mixing
in the analysis of the temperature distribution variation in the
three-phase fluidized bed. They found that the radial temperature
distribution is nearly parabolic in the core area of the bed and has
a very steep gradient near the wall similar to that in liquid fluidized
beds observed by Wasmund and Smith (1967) and Patel and
Simpson (1977).

To estimate the wall-bed heat transfer coefficient, the correlation
of Kato et al. (1981), which covers a wide range of the liquid phase
Prandtl number, is recommended. Heat transfer characteristics
in a bed with internals such as cooling or heating coils or pipes need
to be fully explored for practical use. Heat transfer behavior at high
velocities, which is of industrial interest, is also in need of extensive
study.

Heat Transfer in the Turbulent Contact Absorber

Douglas et al. (1963) examined the simultaneous transfer of heat
and mass into liquid water for the condensation of steam and ab-
sorption of HgS from a steam-air-H,S stream into an aqueous liquid
phase. Douglas (1964) also examined simultaneous heat and mass
transfer from a water-saturated hot air stream into cooling water.
Barile and Meyer (1971) and Barile et al. (1975) studied the per-
formance of a TCA cooling tower designed for cooling hot water
from a power plant. They revealed that a 20°F temperature drop
could be easily achieved with a packing depth of one foot. They
showed that the overall volumetric heat transfer coefficients for
cooling are similar to those of NH; absorption reported by Douglas
(1964) in magnitude and in trend. A correlation equation was de-
veloped to account for the overall volumetric mass transfer coef-
ficient or HTU by Barile et al. (1975).

MASS TRANSFER OF GAS-LIQUID-SOLID FLUIDIZATION

Either or both of the mass transfer steps can play an important
role in the determination of the overall reaction in three-phase
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TABLE 9. GAS-LIQUID MASS TRANSFER STUDIES ON THREE-PHASE FLUIDIZED BEDS WITH COCURRENT GAS-LIQUID FLOwW

Particle Size

Flow Range of

Correlations or Remarks

Gas and Liquid

and Density
d, = 0.22,0.50

Column Size

System

Investigators
Massimilla et al. (1959)

graphical description
absorption efficiency

4.0t011.4 1/min

Uz =2.61t04.81/min

U

and 0.80 mm

30 or 90 mm ID X
100 to 1200 mm height

COg-Ng/water /silica particle
COy-Ng/water/glass beads

Physical absorption:
(CO2%

87%)

a very high mass transfer rate for the bed
of 6 mm particles

graphical description

Ug=0to8cm/s
Up =68to 17 cm/s

d, =0.125 cm,
ps = 2.67 g/cm3
d, = 0.593 cm,

15.24 cm ID X 2.91 m height

COq-Ng/water/glass beads
(COu% = 50.80 and 100%)

Physical absorption:

T
o
- 2
= @
@SA
S B
*E
can
e}

pp =263 g/cm?

the gas distributor was discussed)

(the variation of kja with the distance from
kia/€g = 1.53

graphical description

Ug =0to5cm/s
U;=195t016.2 cm/s

1 and 6 mm

d, =

15.24 cm ID X 2.91 m height

Pure Oz/water/glass beads

Physical absorption:

Ostergaard and Fosbol
(1972)

0.03to 1.2cm/s
6.4to 18 cm/s

Ug=0to10cm/s

Ug =

=6 mm

dp

Physical absorption:

Lee and Worthington

5.45 cm ID X 107.6 cm height

COg/water/glass beads
Physical absorption:

(1974)
Dakshinamurty et al.

U

5.6 cm ID X 68 em height

Part 1 (1974a): graphical description

Part II (1976): correlations,

d, = 1.06 to 6.84 mm

50t017.2cm/s

U=

(1974a); Dakshinamurty COjy/water/porcelain beads

and

ps =24t011.18¢g/cm®
(U; =121t0 81.5 cm/s)

COy/water/sand particle

-

K” = 3.946 X 1077 for Re; > 2,000

ﬂlUg
K” =233 X 1075 for Re; < 2,000

|

dp U, Pl
Ml

=K//(

Dy

Iqad 22

= 50 and 100%)

COy/water/lead shots

(CO%

Veerabhadra Rao (1976) COs/water /iron shots
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fluidized-bed reactors for catalytic, noncatalytic and biological
reactions. The rates of these mass transfer steps are dependent on
the hydrodynamic properties of the fluidized bed and hence are
strong functions of the operating parameters.

Cocurrent Gas-Liquid-Solid Fluidization

When the catalyst activity is low, the gas-liquid mass transfer
is not important in determining the overall rate of reaction. In the
experiment of Adlington and Thompson (1965), catalytic desul-
furization of residual oils was conducted with the concentration
of hydrogen in the bulk liquid estimated to be as high as 90% of its
saturation value; under such a condition, the gas-liquid mass
transfer resistance can be virtually neglected. However, when the
catalyst activity is sufficiently high, the overall conversion rate can
be significantly enhanced by lowering the gas-liquid mass transfer
resistance or the liquid-solid mass transfer resistance (Ermakova
and Ziganshin, 1970b). Examples of reactions which require con-
sideration of this effect include hydrogenation of 1-heptene (Er-
makova et al., 1973; and Gartsman et al., 1977). Lee et al. (1974)
concluded that an optimum particle size exists which provides a
maximum overall conversion in a three-phase fluidized bed reactor
where a highly active or moderately active catalytic reaction takes
place. The optimum particle size is determined by considering two
counteracting effects: an increase in particle size increases the
gas-liquid contacting efficiency, but it decreases the effectiveness
factor of the catalyst particle for the reaction. They chose hydro-
genation of o-methyl styrene (Satterfield et al., 1969) as a model
reaction. In their calculation, the mass transfer resistance through
a liquid film over the outer particle surface was considered to be
negligibly small.

Gas-Liquid Mass Transfer and Interfacial Area. Table 9 sum-
marizes the gas-liquid mass transfer studies. The gas-side mass
transfer resistance can generally be neglected in a three-phase
fluidized bed with liquid as the continuous phase as well as in a
bubble column. Therefore, the liquid-side mass transfer coefficient,
kia, determines the overall gas-liquid mass transfer coefficient.

Ostergaard and Suchozebrski (1969) investigated the effect of
individual operating parameters on the volumetric absorption
coefficient kja using physical absorption of carbon dioxide into
water. It was observed that the particle size has a marked effect on
kia. The values of ke in a bed of 1 mm particles are about ¥s of
those in a solid-free bubble column, while the values of kja in a bed
of 6 mn particles are about two times larger than those in a solid-
free bubble column. The increase of k;a in the 6 mm particle bed
is attributed to the break-up of the gas bubbles while the decrease
of kia in the 1 mm particle bed is attributed to the coalescence of
gas bubbles. In the calculation of kja, they neglected the effect of
fluid mixing which should be taken into consideration, especially
for a bed of small particles. Ostergaard and Suchozebrski (1969)
and Ostergaard and Fosbol (1972) reported that kja in a three-phase
fluidized bed varies considerably with the axial distance from the
gas distributor. In addition, k;a varies with the particle size. For
example, in a bed of 1 mm particles ki@ markedly decreases within
a short distance from the gas distributor, while in a bed of 6 mm
particles, kja sharply increases within a short distance from the
distributor, reaches a maximum and then decreases along the axial
distance of the bed. Thus, shallow beds containing large particles
exhibit particularly high mass transfer rates.

Recently, Alvarez-Quenca and Nerenberg (1981) obtained kja
averaged over the axial distance from the distributor to various
sampling points using a two-dimensional bed. They reported two
distinct regions for gas-liquid mass transfer, i.e., the grid region
where the mass transfer is excellent and the bulk region at the upper
80% of the bed where the volumetric mass transfer coefficient is
much lower than that in the grid region. Using the same two-
dimensional column, Alvarez-Quenca et al. (1983) reported that
at high gas velocity, the mass transfer rate was the highest in the
region between the dense bed region and the dilute bed region. It
should be pointed out that the gas distributor in their design would
yield poor distribution of bubbles and low mobility of the large
particles.
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The effects of the size and density of the particles on the average
value of kja was investigated and correlation equations were de-
veloped by Dakshinamurty et al. (1974a,b, 1976). In their calcu-
lation, plug flow for the liquid phase was assumed. Vandershuren
et al. (1974) measured the absorption of carbon dioxide, ethy!
chloride and benzene from single bubbles in a water-fluidized bed
of 0.45 mm glass ballotini.

Studies of gas-liquid mass transfer may involve the measurement
of the interfacial area. Lee and Worthington (1974) measured the
volumetric coefficient kja and the interfacial area a, separately.
In their experiment, kja was measured by the absorption of carbon
dioxide into water and into 0.05 M sodium sulfate solution while
the gas-liquid interfacial area was measured by the light trans-
mission method applied just above the bed surface. The bubble size
was calculated from the relationship dg = 6¢,/a. The mass transfer
coefficient k; was found to increase with an increase in the bubble
size in the same manner as that observed in the gas bubble size
transition region in shallow bubble columns and stirred sparged
vessels (Calderbank and Moo-Young, 1961). Lee and Worthington
(1974) showed that kja varies linearly with ¢g.

Ostergaard (1978) presented empirical equations for the volu-
metric coefficient, ka, the mass transfer coefficient, k;, and the
interfacial area, a, for several particle sizes. Fukushima (1979)
developed correlation equations for kja, k; and a for the dispersed
bubble flow regime, using the data of Lee and Worthington
(1974).

Recently, Dhanuka and Stepanek (1980a) measured kg, k; and
a in a three-phase fluidized bed of 5.86 mm glass beads using a
technique involving simultaneous chemical absorption of carbon
dioxide and desorption of oxygen which was developed by Rob-
inson and Wilke (1974). They concluded that the particle size has
a profound effect on a, little effect on k; and thus a significant effect
on kia. Both kja and a were found to increase with an increase of
the gas velocity and an increase of the particle diameter. Fur-
thermore, the liquid velocity had no effect on kja and a in beds of
4,08 and 5.86 mm glass beads, while k@ and a increase with the
liquid velocity in a bed of 1.98 mm glass beads.

Correlations for kja proposed by several workers lack generality
and can be employed only for a very limited conditions. For ex-
ample, the mass transfer coefficient in the correlation of Dakshi-
namurty et al. (1974a, 1976) was expressed in proportion to the
diffusivity, while that in several other correlations was expressed
in proportion to the square of diffusivity. Further efforts are re-
quired to obtain a generalized expression for the mass transfer
coefficient even though there is a complex dependency of the
volumetric mass transfer coefficient on the bubble flow pattern.
k; and a should also be independently evaluated.

Liquid-Solid Mass Transfer. Morooka et al. (1979) measured
and correlated the wall-to-bed mass transfer coefficients in lig-
uid-solid and gas-liquid-solid fluidized beds with rectangular cross
section using the limiting current method. The mass transfer
coefficient in the three-phase system was found to be larger than
that in the liquid-solid fluidized bed system. A maximum mass
transfer coefficient exists at a given liquid velocity and hence a
given bed porosity, similar to the liquid-solid fluidized bed (Beek,
1971).

Liquid-solid particle mass transfer was only recently explored
by Arters and Fan (1984). They employed cylindrical particles of
benzoic acid (diameter = length = 1.5 to 4 mm) which were
fluidized with water and air. Results show that liquid-solid mass
transfer in a three-phase fluidized bed is higher than that in a
two-phase (liquid-solid) fluidized bed at a given liquid velocity.
Furthermore, the Sherwood number for liquid-solid mass transfer
increases with increasing gas velocity. Liquid-solid mass transfer
in a three-phase fluidized bed appears to be relatively independent
of the liquid velocity, as has been noted for a two-phase fluidized

bed.

Spouted Bed

Nishikawa et al. (1976) reported that the liquid-solid mass
transter coefficient in a three-phase spouted bed with liquid as the
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continuous phase increases with the gas injection rate, reaches a
maximum value at a gas velocity of about 0.5 cm /s and gradually
decreases with further increases in the gas flow rate. The liquid-
solid mass transfer coefficient at the maximum value was about
1.25 times that for the liquid-solid spouted bed.without gas.
Nishikawa et al. (1977) reported that when the particle size is 1 mm
in diameter, the value of the gas-liquid mass transfer coefficient,
kia, in three-phase spouted beds is only 65% of that in the solid-free
bubble column. The ratio of k;a in a three-phase spouted bed to
that in a bubble column with identical gas and liquid velocities
increases with the particle diameter and the amount of the particles
contained in the bed. This ratio exceeds unity when the particle
diameter exceeds 3 mm for a fixed particle amount. Recently, Fan
et al. (1984b) examined the gas-liquid mass transfer of the three-
phase spouted bed under zero liquid flow conditions for application
as a bioreactor for wastewater treatment. Over a wide range of the
gas velocity considered, they reported that the mass transfer
coefficient increases with increasing gas velocity.

A three-phase spouted bed operated under countercurrent
conditions with gas as the continuous phase was studied for gas-
liquid mass transfer application (Vukovic et al., 1974). The spouted
bed and spouted fluidized bed with gas as the continuous phase
were developed for various processes in chemical, petrochemical
and fertilizer industry (Kono, 1980; Kinno and Nioh, 1983). The
products of these types of reactors are granulated solids or gaseous
materials. For the draft tube spouted bed Fan et al. (1984b) re-
ported that the mass transfer coefficient increases and then de-
creases with an increase in the particle loading. Moreover, they
reported that, for a given gas velocity at zero and low solids loading
conditions, kia for the draft tube three-phase spouted bed is higher
than that for the three-phase fluidized bed, three-phase spouted
bed, inverse three-phase fluidized bed (Yushina and Sata, 1983)
and gas-liquid bubble column (with coarse bubble generators).

Gas-Liquid Mass Transfer in the Turbulent Contact Absorber

Douglas et al. (1963) investigated the absorption of COg and SO;
from a dust laden gas by alkaline process liquors. The volumetric
gas side absorption coefficient kga,, which is based on the static
packing volume, was evaluated. They reported that the volumetric
mass transfer coefficient in a TCA was two orders of magnitude
higher than in packed beds. Subsequently, Douglas (1964) studied
the absorption of ammonia into boric acid solutions. The height
of the overall mass transfer unit (HTU) for NH; absorption was
found to be approximately % to % of that obtained in a packed bed.
It was reported that the HTU for mass transfer increases with in-
creasing gas flow rate, decreases with increasing liquid flow rate
and increases with increased static bed height.

Zhukov et al. (1977) reported data on the overall volumetric mass
transfer coefficient for the physical absorption of SO into water.
Levsh et al. (1968b) measured the overall volumetric mass transfer
coefficient for the desorption of oxygen from water.

The liquid film volumetric coefficient for mass transfer, kA,
which is based on the unit cross section of the column, was mea-
sured by Elenkov and Kosev (1970) who assumed the gas side mass
transfer resistance was negligible. They reported that kA increases
with increasing gas flow rate, increases with increasing static
packing height and decreases when the open area of the supporting
grid increases. Increasing the liquid flow rate generally caused an
increase in k;A, but in some cases kjA passed through a maximum
point with respect to the liquid flow rate. An empirical correlation
for k;A was also proposed by these authors.

Kosev and Elenkov (1973) measured the volumetric gas film
mass transfer coefficient, k.zA, defined in terms of gas side con-
centration difference as the driving force instead of the more
commonly used partial pressure difference. The general trends for
the volumetric gas film coefficient are similar to those of the liquid
film mass transfer coefficient previously measured by Elenkov and
Kosev (1970). A correlation equation was developed by Kosev and
Elenkov (1973) to represent kcgA.

The absorption efficiency, which denotes the degree of ab-
sorption per stage of TCA bed, has been employed by several in-
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vestigators to compare the performance of the TCA with that of
other types of apparatus. Blyakher et al. (1967) measured the ab-
sorption efficiency for the physical absorption of SOz and NHg into
water. Ubaidullaev et al. (1981) correlated the absorption efficiency
in terms of pressure drop for the desorption of NHj from ammo-
nia-water solution. Miconnet et al. (1982) also used the concept of
absorption efficiency to compare the performance between the
TCA and the packed bed for the absorption of HCl into water. The
concept of plate efficiency was employed by Gel’perin et al.
(1968a) who described the effective use of a TCA as a rectification
column,

The absorption of SOz by alkaline solutions and lime/limestone
slurries in a TCA was studied in a small scale scrubber (Borgwardt,
1972) and a large scale scrubber (Epstein et al., 1973). SO removal
efficiency in a TCA was reported to be considerably higher com-
pared to both conventional packed towers and venturi scrubbers.
The data of TCA scrubber performance for the wet scrubbing of
SO; from flue gases have been analyzed by Fan (1975) and
McMichael et al. (1976) to determine the volumetric gas side mass
transfer coefficients and the liquid side volumetric mass transfer
coefficients in the lime/limestone chemical absorption system. A
logical design procedure for a TCA as a scrubber was recently given
by Visvanathan and Leung (1984).

Three kinds of interfacial area have been defined in the litera-
ture. They are the effective interfacial area per unit cross section
of the column, denoted by A (Kossev et al., 1971; Gel’perin et al.,
1972; Strumillo and Kudra, 1977), the effective interfacial area per
unit volume of static bed, a;; {Wozniak and Ostergaard, 19783;
Wozniak, 1977), and the effective interfacial area per unit volume
of expanded bed, a (Kossev et al., 1971; Kito et al., 1976a,¢). The
following relationships hold between these interfacial systems:

A =auHo=aH (81)

Moreover, the overall volumetric mass transfer coefficient, the gas
film volumetric mass transfer coefficient and the liquid film vol-
umetric mass transfer coefficient are uniquely defined for each
corresponding interfacial area. Thus, to avoid confusion, caution
must be exercised in the interpretation of the data for interfacial
areas and mass transfer coefficients in the literature since these
quantities might have a different basis.

The interfacial area between the gas and liquid phase in a TCA
was first examined by Kossev et al. (1971) using the chemical ab-
sorption of carbon dioxide diluted with air into sodium hydroxide
solution. The same chemical absorption system was also utilized
for measuring the effective interfacial area by Gel'perin et al.
(1972), Wozniak and Ostergaard (1973), Wozniak (1977), Kito et
al. (1976a,c), and Strumillo and Kudra (1977).

Kossev et al. (1971) determined a for hollow polystyrene spheres
with a diameter of 18 mm and a density of 176 kg/m3, They found
that a increases with increasing gas flow rate, passes through a
maximum at a gas velocity of about 3 m/s and decreases with a
further increase of the gas flow rate. They observed that at higher
gas velocities where the decrease in a occurs, the homogeneity of
the fluidized bed is disturbed due to considerable pulsing in the
bed. Figure 10 shows the variation of a with respect to the gas flow
rate. In this figure the data points of Gel’perin et al. (1972) and
Strumillo and Kudra (1977) were calculated from their data for
a by estimating the expanded bed height from the correlation
equation proposed by Kito et al. (1976e, 1978).

The data for a obtained by Kito et al. (1976a,c) for a stagnant
liquid flow system also shows a maximum with respect to the gas
flow rate. However, the values of a obtained by Kito et al. (1976a,c)
are considerably higher than those of other investigators, especially
at low gas flow rates. This may be due to the fact that in experi-
ments of Kito et al. the small open area of the grid prevents weeping
of the liquid through the supporting grid. In fact, the fraction of
the liquid holdup in their system is much greater than that in a
typical TCA.

Figure 11 shows the variation of a (or a5;) with respect to liquid
flow rate. The values of a5 measured by Kossev et al. (1971),
Wozniak and Ostergaard (1973), Wozniak (1977), and Strumillo
and Kudra (1977) are each confined to a narrow range of different
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Figure 10. Gas-Liquid Interfacial Area vs. Superficial Gas Velocity for a
TCA.

operating conditions. The value of a; generally increases consid-
erably with increasing liquid flow rates, since the increased liquid
flow rate increases the liquid holdup and causes increased bed
expansion. In Figure 11 the data for a are also shown for compar-
ison. It is observed that the increase of a due to the increase of liquid
flow rate is more gradual than that of a,;. In some cases, @ is vir-
tually independent of liquid flow rate, e.g., the data of a obtained
by Wozniak and Ostergaard, (1973). The values of a are Y5 to %
of those of 4, depending on the bed expansion height.

Correlation equations for estimating the interfacial area in the
TCA have been developed by several authors. The interfacial area
per unit cross section of the column, A, has been correlated by
Gel'perin et al. (1972) and Strumillo and Kudra (1977). The em-
pirical equation for A proposed by Strumillo and Kudra (1977)
is:

A = 16.28U,0-92U,0.34 | 0.637, —0.94 (32)
where Uy, and U; are inm/s, and Hg and dj, in m. Equation 32 was
correlated from a range of gas flow rates up to 2 m/s and for static
bed heights up to 0.14 m. The packing diameter was varied be-
tween 5 and 10 mm and the particle density up to 1,050 kg/m3,

It is evident that A increases with increasing static bed height.
The correlation equation proposed by Gel'perin et al. (1972) in-
dicates that A is also a strong function of the open area of the sup-
porting grid.

Wozniak (1977) proposed a correlation for a; as follows:

%t = 6.189 X 10~ (~f=’—e )0'8022 (———H AP 0)0'9337 (33)
Gpb 1-¢ Ughtg

where aypy, is the geometric surface area per unit volume for a

packed bed of spheres, ¢, is the gas holdup, H is the expanded bed

height, AP, is the pressure drop across the column, Uy is the su-

perficial gas velocity, and g, is the viscosity of the gas. All of the

parameters in Eq. 33 are in SI units.

The interfacial area in a TCA can be estimated from Figure 10
or 11, or Eq. 32 or Eq. 33, but it is important to keep in mind that
Eqgs. 32 and 33 were developed from data which were obtained
under very restricted ranges. Consequently, the reliability of these
equations is highly questionable if they are extrapolated beyond
the operating ranges investigated.
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Figure 11. Gas-Liquid Superficial Area vs. Superficial Liquid Velocity for a TCA.
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FUTURE STUDY

This review substantiates the information gaps and research
needs on fundamentals of three-phase fluidization. Recognizing
that fundamental analysis of three-phase fluidization was primarily
established on the basis of empirical or semiempirical correlations,
approaches based on fluid mechanic theories are deemed necessary.
While information derived from air-water systems represented by
the majority of the literature work is of importance, proper selec-
tion of physical properties of the gas and liquid, such as rheological
properties, density and surface tension, compatible with actual
process systems is required. Moreover, research is in need on the
effect of temperature, pressure, and surfactants on the transport
properties of the three-phase fluidized bed.

Correlations of transport properties with operating parameters
can be established better if the flow regime of the system in oper-
ation could be identified. Research on the generalization of flow
regime maps and scaleup of three-phase fluidized beds, which are
of practical significance, is encouraged. Furthermore, fundamental
research on the behavior of the solids movement, bubble and
bubble wake is urged. The mechanistic approach represented by
the generalized wake model has provided a basic framework for
future modeling efforts. An improved model is sought which takes
into consideration the inherent bubble size distribution, solids ex-
change between the wake and the liquid-solid fluidized bed, and
effects of the grid region and the transition region.

Above all, optimal design and operation strategies for three-
phase fluidized-bed operation are urgently in need of attention.
To this end, it is imperative that new design configurations of the
three-phase fluidized bed and associated fundamental analysis be
conducted. When the three-phase fluidized bed is intended to be
utilized as a chemical or biochemical reactor, the ultimate goal of
new design configurations, in most cases, would be to achieve
maximum mass and/or heat transfer effects with minimum power
input and to maintain optimal fluid mixing for given reaction ki-
netics.
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NOTATION

A = gas-liquid interfacial area per cross-sectional area of
the column

a = gas-liquid interfacial area per unit volume of the
bed

aph = specific surface area of the packing per static bed
volume

Gyt = gas-liquid interfacial area per unit volume of static
bed

Ar = Archimedes number, d3g(p, — p1)/ piv}

B = constant in Eq. 14

Cp = particle drag coefficient

Cp = specific heat of liquid

D = equivalent diameter for free sectional area of the
column

Da = diffusivity of dissolved gaseous component

D, = diameter of cylindrical column

d = equivalent diameter of slot or orifice of supporting
grid

dp = equivalent diameter of bubble

d, = particle diameter

E = rate of energy dissipation defined by (AP./H)(1/
p)(Ui/ &)
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Ey = axial dispersion coefficient of the liquid

Fg = pressure drop due to grid

F, = pressure drop due to column wall

F, = pressure drop due to surface tension at gas-liquid in-
terface

f = ratio of the grid open area to the column sectional
area

Frg = Froude number of the gas, U}/d,g

Fr = Froude number of the liquid, U;/d,g

Fry’ = modified Froude number of the liquid (U}/d,g]
(1/(eg + e)?] o/ (05 — pi)]

Gg = mass flow rate of gas per unit cross section

Ggms = mass flow rate of gas per unit cross section at incipient
fluidization

Gy = mass flow rate of the liquid per unit cross section

= gravitational acceleration

H = effective height of bed expansion

Hy = static bed height

HMU; = height of axial mixing unit of the liquid, 2E;/V,

h = heat transfer coefficient

K = constant in the Davies-Taylor equation given in Eq.
13

K’ = power law fluid consistency index

k = ratio of wake volume to bubble volume for a multi-
bubble system

kp = Bankoff’s two-phase flow factor

keg = gas-side mass transfer coefficient for concentration
driving force

kg = gas-side mass transfer coefficient for partial pressure
driving force

ky = liquid-side mass transfer coefficient

ko = ratio of wake volume to bubble volume for a single
bubble system

34 = gas-side mass transfer coefficient in a TCA packed
section

kg = gas-side mass transfer coefficient in a TCA spray
section

k = parameter in the correlation equation by Vail et al.
(1970)

k” = parameter in the correlation equation by Dakshi-
namurty et al. (1971)

l = bubble length

! = parameter in the correlation equation by Vail et al.

(1970)

m” = parameter in the correlation equation by Dakshi-
namurty et al. (1971)

n = index in the Richardson and Zaki equation

n = power law fluid behavior index

n’ = parameter in the correlation equation by Vail et al.
(1970)

n” = parameter in the correlation equation by Dakshi-
namurty et al. (1971)

Pe’ = Peclet number defined by V,D./E

Pe” = Peclet number defined by Vd,/E 4

dP/dz = static pressure gradient

AP, = pressure drop across the column

R = radius of spherical cap bubble

Reg = gas Reynolds number defined by d,Ugp,/pe

Re; = liquid Reynolds number defined by d,U;p1/ 11

Re; = particle Reynolds number defined by d, U, pi/ 11

Re) = modified liquid Reynolds number defined by
Ui dy/v

Re, = modified gas Reynolds number defined by
dpVepg/ tg

Re; = modified liquid Reynolds number defined by
dyVip/

S = cross-sectional area of empty column

Us = relative velocity of the bubble to the liquid

Uy = absolute bubble velocity

Ug = superficial gas velocity

Ugms = minimum fluidization velocity for the gas
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Ugmfo = minimum fluidization velocity in the gas-solid fluid-
ized bed

U; = the extrapolated value of Uy as € approaches 1

Uy = superficial liquid velocity

Uy = liquid velocity based on the area of liquid-solid {lu-
idization region

Ulmf = minimum fluidization velocity for the liquid

Uimfo = minimum fluidization velocity in the liquid-solid
fluidized bed

(Umng)t = minimum fluidization velocity for the liquid in a

fluidized bed containing flotsam particles alone
(Utms)e = minimum fluidization velocity for the liquid in a
fluidized bed containing jetsam particles alone

U, = terminal velocity of solid particle

Vhw = rising velocity of isolated bubble in stagnant fluid

V. = average liquid circulation velocity defined by Eq.
28

Ve = bubble rise velocity in a multibubble system or linear
gas velocity

\'f} = linear liquid velocity

w = weight of solid particles in the bed

Wsrvy = work of adhesion

We = Weber number defined by p,U#d,/ o

x = ratio of solid holdup in the wake to that in the liquid-
solid fluidized region expressed by €,/ €

X3 = weight fraction of jetsam particles

Greek Letters

€ = bed porosity

€g = gas holdup

€g,mf = gas holdup at incipient fluidization

€ = liquid holdup

€1 mf = liquid holdup at incipient fluidization

€55 = liquid holdup in the liquid-solid fluidized region
€5t = liquid holdup per unit static bed volume

€ = solid holdup

€s.5t = solid holdup in a static bed

€f = solid holdup in the liquid-solid fluidized region
st = solid holdup in the wake region

€w = volume fraction of the wake in the fluidized bed
€ = porosity in the packed bed

€ = parameter defined in the correlation equation by Kato

et al. (1981)

0% = generalized viscosity constant

0 = included angle of a spherical cap bubble

4 = contact angle

A = thermal conductivity of the liquid

T = viscosity of gas

[ = viscosity of liquid

Ho = apparent viscosity of a liquid-solid fluidized bed

v = kinematic viscosity of liquid

Pg = gas density

P = liquid density

Ps = solid density

Puwp = density of wetted packing

9o = apparent density of a liquid-solid fluidized bed

a = surface tension

T = residence time

T’ = ratio of the area occupied by liquid to the total open
cross section of grid

o = sphericity of the solid particle

% = parameter defined by Eq. 11
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